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Section 1.0

‘ | Summary

|
n analysis of the technical and economic status of the biomass-to-ethanol process was conducted for
the Ethanol Program of the U.S. Department of Energy’s (DOE) Biofuels System Division. The purpose
was to redesign and update the process technology since the last time an analysis was performed (Wright
1988). Since that time, the process and economic parameters have been changed and redefined,
significantly changing and improving the techoology. The primary obiective of this work was to establish
goals and direction for future research for the production of ethanol from lignocellulosic biomass.

An economic analysis is performed on a fuel ethanol (90% ethanol, 5% water, and 5% gasoline) plant
producing approximately 58 MM gal/yr. The feedstock to the plant is assumed to be whole-wood tree
chips{ delivered to the site for $42/dry ton. The chips are stored in piles and then delivered on a first-in,
Tadvth 'VESK ‘0 w Uk i o milling ' LOmm @ VOmm paiidrs. The milled paicdrs ur
pretreated with dilute acid at 160°C for 10 min. After flash cooling, the slurry is neutralized with lime
and a small side stream is pumped to the cellulase production fermenters, while the rest of the stream is
pumged to the xylose fermenters. Xylose fermentation is performed by a genetically engineered
Escherichia coli continuously in a series of fermenters. Cellulase is produced by Trichoderma reesei in
three batch fermenters. The cellulase is combined with the stream out of the last xylose fermenter, yeast
inocghlum is added, and simultaneous saccharification and fermentation (SSF) is performed continuously
in another series of fermenters. The dilute beer stream from the last SSF fermenter is sent to ethanol
purification for concentration of the ethanol to 95 wt %. Then, 5% gasoline is added to denature the fuel.
The Stream from the bottom of the beer column is sent to centrifugation to remove the solids, which are
then i)umed in a boiler to produce steam and electricity for the plant. A fraction of the liquid stream from
centrifugation is recycled back to the process, while the rest of the stream is sent to a wastewater treatment

' system.

Based on the equipment list generated from the process flow diagrams, the total capital cost for this
plant in first-quarter 1990 dollars is $141.24 MM. The annual capital charge rate is 20%, giving a capital
charge of 48.3¢/gal. The variable operating cost (chemicals and feedstock) is 60.1¢/gal and the fixed
operating cost (labor, taxes, and insurance) is 19.8¢/gal, giving a gross cost of production of 79.8¢/gal.
When by-product credits (electricity) are included, the net cost of production is 73.4¢/gal. The total cost
of production for the denatured fuel is 121.7¢/gal.

To assign priority to research issues, a sensitivity analysis was performed on major process variables
and assampiing, - The asals fHir same oF dhe mraior tshata! paamatars dhat heve 2 sigaificant Amnaat
on etbanol cost are shown in Figure 1-1. This sensitivity analysis varied only one parameter while holding
the other parameters at their basc case values. The bars show the percent deviation of ethanol cost from
the base case value of 121.7¢/gal, when the indicated changes are made from the base case values shown
on the bottom of the figurc. Particularly evident is the effect of nutrient requirements and SSF ethanol
yield on the cost of ethanol. Figure 1-2 shows the impact of some issues that are not directly related to
conversion technology, such as plant size and feedstock cost. Again, all these variables have a major
impact on the cost of ethanol ranging from 5% to 15% or 6¢ to 18¢/gal of ethanol. When the effects of
multiple process improvement are considered, the cost of ethanol drops to 66.5¢/gal.

Based on the results of the sensitivity analysis, future work should focus on strengthening
understanding of the base case process, developing and improving the technology for biomass conversion,
and cantinuvally analvzine and yndatine the process design. Understanding the hase case nrocess will
it HIUre i fowm Teiv s, Ao inlagaiit eerwndh, vl aating, sdveniitadl wah e
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ngineering companies, and in-house pilot plant operations. The purpose of the integration research effort
s to verify mp ﬁerfoﬁnance of a fully chemically integrated system, which means testing the performance
f pretreated feedstock and hydrolyzate from prehydrolysis through the back end of the plant as specified
n the currenlt proce‘s“; diagrams. Other issues should also be addressed, such as nutrient requirements,
ecdcultures, materla] balance closure, and process water recycle. Vendor testing is required to verify
peration anq nerformanu: data on equipment specified in the current process design. Equipment to be
ested includes: nnllﬂ, prehydrolysis and impregnation reactors, slurry pumps, large fermentation processes,
istillation cbldxmns, lignin separation equipment, and boilers. Subcontracted work to engineering
ompanies should examine such issues as materials of construction and waste treatment design. Pilot plant
aneration is .neguumd 10 verifv the performance of the integrated process on a larger scale and to obtain
*nformatlon on\proceSs reliability and scale-up data for design of larger plants.
i ‘ ‘
L A]thougn the pﬁi?mary goal of the above work is to verify the current technology, work must also
yﬁgwwmm o‘mﬁg‘ dhe daainabyy: Spadifile ates & camsistar ae dmpreving athanal yialds, dacraasing
ermentation ra ra tes, 1r1¢reasmg solids concentrations, eliminating or reducing seed fermentation and cellulase
roduction requxremé‘ms via recycie tecnnotogy, andl mproving redcior Tesighs i etimuioges. Brrdust
Ff the above tasks, mrlodlc process analysis must also continue as new information is available in order
0 monitor rese‘arch progress and identify areas for further research.
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Section 2.0

Introduction

The purpose of this study was to perform a technical and economic analysis of an enzymatic biomass-
to-ethanol process using SSF for conversion of cellulose to ethanol. Lignocellulosic biomass is an
attractive feedstock for ethanol production because it is inexpensive and available in large quantities. For
this analysis the feedstock was aspen wood, which is assumed to represent a wood energy crop that would
be available in large quantities.

Wood is composed of three major components: cellulose, a polymer of glucose; xylan, a polymer of
e Ave-Cariom suide Xyiose; amd' figmn, & piioondic compoud. 1¢ 8 i catuiyalat cnmpurems oifahke
woot; cerllndse; ant” xyvhnr dlar are” convereu' wettanor!  Seillinhse 15~ st enzyranicany - adprandu’ -
glucose by the enzyme cellulase, and then converted to ethanol by yeast. Xylan is degraded to xylose by
a dilute sulturic acid process and subsequerntly convertéd to €thanol by a rhicroorganism.” Lignin may have
value as a chemical precursor, as an adhesive, or as a fuel additive. However, there is currently no viable
technology for using the lignin. Thus, in this analysis it is carried through the process and burned to
supply the plant with steam and electricity.

Based on new experimental data and current operating experience in the corn-to-ethanol industry, a
new design was developed that is different from our previous work (Wright et al. 1988). The major steps
for the enzymatic biomass-to-ethanol process are shown in Figure 2-1. From this concept, detailed

Recycle
water  Nutrients

||

M13-GO7220-12

Cellulose
production
Recycle
water Etharnol
Wood l Cellulose T
Feed o
—> handi ™ Pretreatment [ Neutralization Xylose . ™ Celulose. 1 Ethfa_nolA Recycle
anding ? fermentation fermentation purfication water
Acid Lime : : Waste Water
Centrifugation treatment [
Lignin ) To process
r Solids and coolirg
Bailer water needs

Figure 2-1.  Oyerall hlock flowr diagiram for the anmumatic hiomass-to-ethanal nracass
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flowsheets and 'material and energy balances were developed and used to generate equipment specifications
and costs. An economic analysis was then performed to estimate the current cost of ethanol from biomass.

For the feéd handling, pretreatment, neutralization, cellulase production, and xylose fermentation
blocks, several technology options were considered. These options are discussed in Appendix A.
Appendix A-1 discusses the different types of mills for biomass size reduction, from which a disk refiner
was chosen for this study. A dilute sulfuric acid pretreatment was chosen from the various pretreatment
options discussed in Appendix A-2. Appendix A-3 discusses the issues involved with separating the
xylose from thé lignin/cellulose particles remaining after pretreatment. Because of the difficulties involved
in obtaining g&)od separation of xylose from the remaining particles, this step was eliminated from the
current design.} Cellulase was produced using batch production techniques as opposed to fed-batch or
continuous opération as discussed in Appendix A-4. The various options for xylose fermentation are
simultaneous ibomerizatjon and fermentation (SFIX) (Lastick et al. 1989) with production of xylose
isomerase (Lasltick ét al. 1986), use of xylose-fermenting yeast (Skoog and Hahn-Hagerdal 1988), use
of xylose- fermenting E. coli (Ingram et al. 1987, Ingram and Conway 1988), or purchase of xylose
isomerase for yse with SFIX. These options are evaluated and discussed in Appendix A-5, from which
E. coli was chosen for xylose fermentation. Appendix A-6 discusses nutrient requirements and cost for
both xylose fermentation and SSF.

A simpliﬁqéd process concept flowsheet for the lignocellulosic biomass-to-ethanol process is shown
in Drawing BE{&SSF-;OZZ. Wood chips (aspen) are delivered to the plant and stored in a large pile. The
wood is then conveyed to the disk refiner and reduced in size to approximately 2.0 to 3.0 mm. The milled
chips are sent to a prehydrolysis reactor and treated with dilute sulfuric acid at 160°C for 10 min, which
cavas ¢ mge faatar of dhe woed rylans & yilase The sasultine aivdare s fash conled e @
blowdown tank and the resulting vapor is sent to the distillation section of the plant to preheat the dilute
ethanol stream. Recycled water is added to the mixture in the blowdown tank to reduce the solids
concentration to a level that can be pumped to the neutralization tank. The sulfuric acid is then
neutrdfized wiih iime and ine resuiiing siurry, Includiing the precipieed gypsum, TS tovied und sem w©
xylose fermentation. The xylose is converted to ethanol by a genetically engineered E. coli. This dilute
ethanol and cellulose/lignin stream is sent to ccllulose fermentation where cellulose is converted to ethanol
by the SSF process.

|

A small fraction of the neutralized stream is sent to the sterile feed tank and then pumped when
needed to the cellulase production fermenters where the fungus 7. reesei consumes the cellulose and
nraduces cellulase. Nutrients and corn stegp liguor are mixed and sterilized in a sgparate tank and then
added to the cellulase fermenters. After the batch cellulase fermentation is complete, the broth is pumped
to the cellulasp hold tank and then pumped continuously to the SSF reactor. The cellulase enzyme
catalyzes the hydrolysis of cellulose to glucose, which is then consumed by the yeast to produce ethanol
all in the same reactor. The fermentation is carried out by a mixed culture of Sacchromyces cerevisiae
o' Srevtomyrey s ‘

e m’mr& edanor suednr Gpproximracty” 4,38 we ) Ao die S5 reanmy 1§ sant o adtama’
purification where a distillation and rectification process produces 95 wt % ethanol. Ethanol vapor in the i
fermentation off gases is condensed and added to the rectification column. The waste stream from the

bottom of the beer column is sent to centrifygation to remove the lignin and unreacted solids. which are

then sent to the boiler. A fraction of the liquid stream from the centrifuge is recycled back to the process i
and the rest is sent to waste treatment to be purified and then recycled back to the process water system.

Utilities include a boiler, a turbogenerator, a boiler feed water system, off-site tanks, a process water

system, plant and instrument air, fermentation air, a chilled water system, a low-pressure vent system, and

a clean-in-place and chemical sterilization system.
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In this study, heat and material balances were developed for the above lignocellulosic biomass-to-
ethanol process based on the data and technical information presented in Section 3.0 and 4.0. Section 3.0
presents kinetic and rate data used to design the major processes in the plant. Section 4.0 gives the design
basis for the plant, detailed process descriptions with design assumptions, the process utility summary, and
the plant layout. The heat and material balances are used to specify equipment sizes and materials of
construction. Costing information was obtained from literature references, previous work (Wright et al.
1988), studies by other groups (Badger Engineers, Inc. 1985, Stone and Webster, Inc. 1985), Chemcost,
and vendor quotes. Section 5.0 presents the economic analysis for the base case plant and Section 6.0
discusses the optimum conditions for cellulase production and SSF performance. A sensitivity analysis
of the important technical and economic parameters is presented in Section 7.0 and conclusions are given
in Section 8.0. Recommendations for future research and development are presented in Section 9.0.
References are given in Section 10.0. Appendix A is the discussion of various process options.
Appendix B is a concise list of the technical data and assumptions used for process design and
Appendix C is a list of design data (e.g., heat capacities and densities) Appendix D presents the
spreadsheet model that was developed to analyze the process. Appendix E contains the process flowsheets
and Appendix F is a complete equipment list with costs.

This process was designed according to our current knowledge and understanding of the biomass-to-
ethanol process. Some assumptions have been made about the way the process operates; however, all
yield data for xylose fermentations, SSF, and cellulase production were taken from laboratory experiments.
The analysis was done to determine the areas of future research and development that will lead to the
greatest reductions in the price of ethanol.

SERI Proprietary Information
Do Not Copy 6



Section 3.0

Process Fundamentals

3,1 Pretreatment with Dilute Sulfuric Acid

Pretreatment with dilute sulfuric acid is an important part of the overall biomass-to-ethanol process.
This siep hydrolyzes most of the xylan to xylose and a small amount of the cellulose to glucose. During
pretreatment, some of the xylose is degraded to furfural and some of the glucose is degraded to
hydroxymethylfurfural (HMF). The pretreatment process "opens up” the biomass, making the remaining
cqlluldsc more susceptible to enzymatic hydrolysis.

3 Previous work by Grohmann et al. (1985) has shown that pretreatment conditions of 0.85 wt %
sui‘lﬁnt: 40, 4 wHpRIrAore o1 166'SC, ang' g resiukme dime o 1O it ZIVES guod'’ Kyrar & &y ose yiall
aﬁd makes the remaining cellulose digestible by cellulase. These results were obtained on low solid
sklltm-ies (10 wt % solids) in a Parr (1.0-L batch) reactor. The substrate was aspen wood chips that were

ife milled through a 1/8-in. rejection screen. Subsequent work by Grohmann et al. (1986) at the same
pﬂetreﬁtment conditions has shown that solids concentration (up to 40 wt %) has no effect on enzyme

digestibility.

Models for xylan hydrolysis are available from several authors (Grohmann et al. 1985, Kwarteng 1983,
Kﬁm and Lee 1987), but no one has been able to describe experimental results adequately. Therefore, in
thus study, experimental results obtained by Grohmann et al. (1986) at conditions described above were
used Fpr xylose (80% conversion of xylan to xylose) and furfural (13% conversion of xylan to furfural)
yields, Although the data were obtained from a batch reactor, they are assumed to apply to the continuous
plug flow reactor used in this analysis.
| |
| Cellulose hydrolysis and glucose degradation were determined from Kinetic expressions and parameters
a ajlable in the liter{ature (Wright and d’ Agincourt 1984). Cellulose consists of a crystalline fraction that
is difficult to hydrolyze with dilute acid and an amorphous fraction that is more readily hydrolyzed
(Wright and d’Agincourt 1984). For this study, the cellulose component of the feedstock was assumed
td be all crystalline cellulose.

The hydrolysis of crystalline cellulose is described by the following reaction:
!
o ‘ k,
| Crystalline Cellulose . Glucose - 5 -Hydroxymethylfurfural

\
\Mhere k; is the appropriate kinetic rate constant. At high temperatures (200°-260°C) 5-HMF further
dégrades to tars (Wright and d’Agincourt 1984), but in this study the relatively low temperature of

pretreatment (160°C) is assumed to not produce tars.

|
% The rate equations for crystalline cellulose and glucose are:

¢ = kC

c?
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dG
& = k€. - kC,,

where
C, = crystalline cellulose concentration expressed as a fraction of potential moles of
glucose,
Cg = glucose concentration expressed as a fraction of potent:al moleq of glucose,

k; = crystalline cellulose degradation rate constant (min” )
k, = glucose degradation rate constant (min” 1) and
t = time (min).

These equations are integrated to yield the following equations:

Ce = exp(_klt) ,

k,
C =

f k-

[exp( -k,0) - exp(-k,1)].

HMF is then determined by a mass balance as follows:

C,=1-C,-C,.

where
= HMF concentration expressed as a fraction of nofential males of glucose.

The weight fraction conversion is obtained by multiplying the mole fraction by the following factors: 1.11
10r giucuse, 1.4 10 xyiose, U.78 101 VI, ang' .75 10r 1urrurar.

The WIriR TR Wntfants we Weaningd fium e Rloving Arivrring Sxpiessien.
k, = K, exp(-—!
i Kg( ) exp("ﬁ)-

Values for the parameters in the equation are defined as follows:

= acid concentration as calculated in the liquid phase (wt %),
gas constant (cal/gmole-K),

temperature (K),

activation energy {cal/gmole),

pre-exponential factor, and

= an exponent.

B ORm R
1}

Values for the parameters are given in Table 3-1.
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Table 3-1. Kinetic Parameters for Dilute Acid Hydrolysis of Crystalline Cellulose

K; Ej
i min~! n; cal/mole Source
1 1.730 x 101° 1.34 42900 Saeman 1945
2 1.790 x 104 0.84 32506 McKibbins 1962

In this analysis, lignin is assumed to be unchanged by the prehydrolysis conditions.

Heat and mass transfer in both the impregnation and prehydrolysis reactors used in this study are
assumed to be as good as the batch experimental apparatus used by Grohmann et al. (1986). These
assumptions need to be tested for the actual reactors assumed in this study, particularly the impregnation
of high-salids wood sturries by sulfuric acid.

3.2 Neutralization

After pretreatment, the slurry is flashed to atmospheric pressure, mixed with water, and sent to a
vessel where the material is neutralized with lime with the resulting production of gypsum. Gypsum
production and lime use are determined from the following equation:

Ca(UR), + B350, - CasU,-IH,0.

Thus, 0.76 1b Ca(OH), is used per pound of H,SO, and 1.76 Ib gypsum is produced per pound of
1,50, Afracion vl e wed gypsum protiuctt Tenedins i svition up © b Saundion vl dea gk
temperature, and the rest is insoluble gypsum. The possibility exists that as the temperature of the process
stream increases, gypsum may plate out on some of the equipment. This might occur in the beer column
reboiler, which is at a higher temperature than the temperature of the slurry when originally neutralized.
In this analysis, it is assumed that plating out is not a problem. This assumption needs to be investigated

further.
3.3 Xylose Fermentation via Genetically Engineered E. coli

The xylose-fermenting microorganism used in the study is a genetically engineered E. coli developed
by L. Ingram and coworkers at the University of Florida. The addition of genes (alcohol dehydrogenase
II and pyruvate decarboxylase from Zymonas mobilis) E. coli TC4 results in ethanol as the main
fermentation product.

This microorganism was donated to SERI for testing and evaluation. It was tested by D. Spindler
(1989) in anaerobic batch cultures (5.0-L fermenters) for up to 2 days on a pure 8.0 wt % xylose solution
with complete luria broth (LB) media (10.0 g/L tryptone, 5.0 g/L yeast extract, and 10.0 g/L. NaCl). The
pH of the fermentations was controlled at 5.5, 6.0, 6.5, and 7.0 with NH;OH and the temperature was
maintained at 37°C. The inoculum was 10% (v/v) and grown in an agitated aerobic shake flask on
2.0 wt % xylose in LB media for 12 h at 37°C. The pH was not controlled or measurcd during inoculum
growth.

Data collected on cthanol yield and NH,OH use are shown in Table 3-2. These data were fitted to
a multiple regression curve, but the curve is not used in this analysis because of large residual errors.
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Instead, the performance at a pH of 6.5 and a residence time of 1.87 days is used. With these conditions,
the xvlose fo ethanol vield is assumed fo be 95% and NHLOH consumption is 3.5 1h NH,OH/gal of
ethanol produced. For this study, these data are assumed to apply to any xylose concentration near or less
than 8 wt % and to be applicable to a series of continuous stirred-tank fermenters. This latter assumption
is appropriate, because a series of continuous stirred-tank fermenters resembles a plug flow reactor, which
in turn can be described with batch data. For this analysis, it is also assumed that the use of recycle water
would provide all the necessary nutrients to support microorganism growth. The temperature is 37°C and
the pH was 6.5, the same as in the experimental results described above.

Table 3-2. E. coli Xylose Fermentation Data for 8.0% Xylose

Time pH Ethanol Yield NH,OH Usage
(d) (%) (Ib/gal ethanol)
0.04 5.5 27 941
0.33 " 8.8 36.7
1.00 ! 34.3 134
1.33 " 40.9 13.0
2.00 " 55.5 9.6
0.04 6.0 24 0.0
0.41 " 19.9 21
- 0.91 " 63.8 1.7
1.25 " 83.7 1.7
1.87 " 88.9 1.6
0.04 6.5 24 0.0
0.41 " 229 49
0.9 " 794 4.0
1.25 " 94.9 35
1.87 " 96.2 35
0.04 7.0 25 27.7
0.33 * 15.4 9.0
1.00 " 79.6 35
1.38 " 84.2 4.1
2.00 " 89.8 3.9

Source: Spindler 1989

The theoretical yield of ethanol and carbon dioxide from xylose is calculated from the following
equation:

3C,H,,0, - 5C,HOH + 5CO,,
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yielding 0.51 Ib ethanol/lb xylose and 0.49 1b CO,/Ib xylose. Also, any glucose in the feed is assumed
pnverted to ethanol at thersame yield as xylose and with the same theoretical conversion efficiencies as
ylose. It is assumed that no microorganism growth occurred in the main fermenters.

> o

The agitation ene Qy is assumed to be 0.1 hp/1,000 gal. This assumption is based on technical
information derived from visits to existing corn-to-ethanol plants and subcontracted work by Elander
(1988) at Colorado State University (CSU). The heat of fermentation is estimated from the heat of
reaction for xylose to ethanol (612 Btw/lb xylose), which is calculated from heat of combustion data (see
prandiz O This pla dhe gaitndinr anagy’ dgmay i asad & astimale dhe heat vy’ o ehe fanmantars
(1.82 MMBtu/h/ferme*‘n er, 14.6 MMBt/h total heat duty). All other heat inputs or losses (i.e.,
evaporation and condqc?tjon) are ignored.

In this study, as t r the experimental data and conditions discussed above, each seed fermenter
supplied a 10% inoculum to each succeeding fermenter. The fermentation time is 12 h with a total cycle
ime of 1 day, and a starting xylose/glucose concentration of 2.0 wt %. Because the pH is not controlled,
o base is used. Temperature is controlled at 37°C, and it is assumed that the use of recycled water would
rovide all nutrients required for microorganism growth. All xylose is assumed converted to cell mass
t a yield of 0.5 1b cells/lb xylose. The stirring power and aeration rate is assumed to be 0.1 hp/1,000 gal
nd 0.2 vvm, respectiyely. The heat duty is estimated by assuming all the combustion energy of the
ubstrates (glucose an fxylose) is converted to heat (4.8 MMBtwh).

v R em g

[+ ]

|
4 Cellulase Prodpption

Although cellulas ¢}nzymes are produced commercially by Genencor International, Inc., and by Novo
Industries, their production methods and data are confidential. Cellulase has been produced in a 3000-L
ermenter (Warzywoda et al. 1983), but the substrate was lactose. Also, Bevernitz and coworkers (1982)
laimed to have achieved pilot plant results that compared favorably with laboratory scale fermenters, but
o data were published and fermenter sizes were not specified. Moreover, the organisms used in this latter
vork were not the late}sjn improved cellulase-producing strains.

s 3 0 =h

| |
Laboratory scale rkéults for cellulase production from cellulose (primarily Solka Floc) using aerobic
atch fermenters are cpmpiled in Table 3-3. The rationale for using batch data, as opposed to fed-batch
ata, is discussed in Appendix A-4. The data shown in Table 3-3 were obtained for the most part at a
emperature of 28°C #‘d a pH of 4.8. The average yield and residence time for the data are shown at the
ottom of Table 3-3.

oo a g

In our study, the feed contained xylose (4.0%) as well as cellulose (7.6%). However, Mohagheghi
t al. (1988) showed 4(. substitution of cellulose by xylose (less than 50%) with maintenance of the same
verall carbohydrate concentration has no effect on cellulase production performance. Therefore, the
verage values for peﬁprmance parameters shown at the bottom of Table 3-3 were used for the batch
ermenters in this study, except that in this study, performance parameters, such as yield, were based on
otal carbohydrate (cel‘lﬁlose and xylose) rather than just cellulose. Because information is not available
on T. reesei growth stoichiometry, carbon dioxide production is ignored and the cells are assumed to grow
t 20 g/L in the main fermenters.

-, O 0

-
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Table 3-3. Cellulase Production Data for Trichoderma reesef’

Cellulose Specific Residence Cellulase Source
Concentration Activity Time Yield
(/L) (IlU/g enzyme) (d) (IU/g cellulose)
50 1220 6.00 240 Sheir-Ness and Montecourt 1984
50 660 . 8.00 288 Tangnu et al. 1981
50 4.00 130 Hendy ot al 1982
70 800 5.00 286 Durand et al. 1988
50 7.00 240 Watson and Nelligan 1983
50 7.00 160 Schell et al. 1990
40 100 2.75 69 Mohagheghi et al. 1988

Average residence time: 5.7 d
Average cellulase yield: 202 1U/g

a Strain Rut C-30 except for Durand et al. (1988), who used strain CL-847; and Schell et al. (1990),
who used strain L-27. ‘

In this study, the temperature is 28°C and the pH is 4.8. The NH4OH consumption is 0.045 1b/lb of
carbohydrate in the feed, determined from the average of two experimental values in the literature
Sy ad’ Durva' 1979, Wiason and’ Meiar (983). e meuld composion ased’ i oar staay 1y
taken from the work of Wilke and Blanch (1985) and is shown in Table 3-4.

Table 3-4. Media for Cellulase Production (Wilke and Blanch 1985)

Amount

Component (g/L)
(NH,),80, 1.4
KH,PO, 2.0
MgSO,7H,0 0.3
CaClL,2H,0 0.4
Tween 80 0.2
Corn steep liquor 15.0

In this analysis, the cellulase fermenter agitation power and air requirements are determined from
comrelatinns and literaqre date oo [T razeed g8 follows  The srecific growth sate far T nzased wes
determined to be .0415/h from the data of Mohagheghi et al. (1988). From the data of Ryu et al. (1979),
the specific oxygen uptake rate (mM O,/g-h) was determined from the specific growth rate. From the
SPEITC UXy ZAT opVarke rits @iy’ diie assumed’ mraximntr aal’ comeminsionn i A7 @ L, (v mraxiarans oxy yen
uptake rate (Na’ mM 02/L-h) was estimated as 42 mM 02/L-h.

The oxygen uptake rate (N,) is a function of the oxygen transfer coefficient (kj a) and the equilibrium
and dissolved bulk oxygen concentrations in the fermenter. This relationship for large fcrmenters is

(Wang et al. 1979):
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) kLa[(C‘,, -C)-(C, - c,)]
w{(C", - CYIC*, - CP]

where
C:b = equilibrium oxygen concentration at the bottom of the fermenter,
cC, = equilibrium oxygen concentration at the top of the fermenter,
CL = dissolved oxygen concentration.

The diisolved bulk oxygen concentration is assumed to he 20% of the average of C*b and C*t’ where C*h
and C | are a function of the volumetric air rate and fermenter pressure. The coefficient, ky a, is a
function of the stirring power and volumetric air rate. Thus, given a fermenter pressure, the maximum
axygen uptake establishes a set of possible stirring powers and volumetric air rates. Tfie atsied SUITITE
power and volumetric air rate are those that result in minimum overall electricity use.

Calculation of the desired stirring power and volumetric air rate from the maximum oxygen uptake
rate and assumed fermenter pressure proceeded as follows. For the maximum oxygen uptake rate, an
initial guess was made of the volumelric air rate to the fermenter. From this volumetric air rate, the
oxygen uptake rate, the concentration of oxygen in the inlet air, and the fermenter pressure, it is possible
to determine the oxygen concentration in the off gas. This concentration, along w*ith the inlet oxygen
concentration, is used to calculate the equilibrium oxygen cgncentradon at the top (C ) and bottom (C )
of the fermenter usiilg Henry;s Law. Knowing C', and C ' along with N, and assuming C; to be 20%
of the average of C ,and C , it is possible to estimate kp a from the equation given above.

A correlation that relates the oxygen transfer coefficient (k; a) to stirring power and the volumeltric
air rate is given by Wang et al. (I97Y) 1or a non-INewtomdir fErmmemsndinT orout as

where
gassed stirring power input per unit volume (hp/1,000L), and
superficial gas velocity (cm/min).

P,/V

Vs

The value for V is calculated from the volumetric air rate assumed for the initial calculation of k a and
the fermenter dimensions. Knowing k;a and Vg, it is possible to calculate a value for P,/V. From the
volumetric air rate and P,/V, the total compression and stirring power can be calculated.

The power required for air compression (P_) is given by (Perry and Chilton 1973):

p
P, = 0.0044plQan(;z),

1

where
p, = inlet gas pressure (atm),
p, = outlet gas pressure (atm), and
Q = inlet gas flow rate (ft3/min).
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At this point, a total energy requirement is established for a set of values for stirring power and
volumetric air flow that satisfy the maximum oxygen uptake rate. The entire procedure is then repeated
until a set of values for stirring power and air flow rate are found that satisfy the maximum oxygen uptake
required while requiring a minimum total energy input.

Using the above procedure with an assumed fermenter pressure of 45 psig, the optimum voluinetric
air flow rate for cellulase production was calculated to be 0.15 vvm and the mixing power for a gassed
fermenter is calculated to be 1.18 hp/1,000 gal.

The heat duty for each cellulase production fermenter results from metabolic activities of the cells,
plus agitation energy input, plus gassed power input minus evaporation losses. Conduction losses are
assumed to be zero. Metabolic heating (Qg, kcal/L-h) is determined from the following formula (Wang
et al. 1979): ‘

Q, = 0.12N,.

All agitation energy is assumed to be absorbed by the fluid as heat. Gassed compression power input per
unit volume (Pg/V) is estimated from the following formula (Atkinson and Mavituna 1983):

7 (VUM

Q is gas flow rate (scf/min),

d is gas density (lb/cf),

R is the gas constant,

T is gas temperature (K),

M is gas molecular weight (g/gmole),

P, is pressure at the sparger (atm), and

p is absolute pressure in the fermenter (atm).

where

Evaporation losses are determined from the change in enthalphy of the entering and exiting gas streams.
From the calculations, the heat duty is 13.1 MMBtu/h.

Inoculum volumes used in the studies shown in Table 3-3 ranged from 2% to 10% (v/v). An average
value of 5% is used in this study. In addition, based on studies by Wilke and Blanch (1985) that used
a 1% cellulose concentration, in this study a 1.0% cellulose plus xylose concentration with the media
composition shown in Table 3-4 is assumed for the final and largest cellulase production seed fermenter.
For all other seed fermenters, 1% glucose with media composition shown in Table 3-4 is assumed and the
cell yield for all seed fermenters is assumed to be 0.5 g/g substrate. The cycle time for all batch seed
fermenters is 4 days based on the inoculum procedure of Wilke and Blanch (1985). The temperature is
28°C and the pH is assumed controlled to 4.8. Base usage is assumed to be small and ignored because
there are no data on base consumption during seed culture growth, The air flow rate for all seed
fermenters is assumed to be 0.2 vvin and the agitation requirements are assumed to be 0.5 hp/1,000 gal
for the final seed fermenter and 1.0 hp/1,000 gal for all other seed fermenters. The heat duty for the seed
fermenters is estimated as 5% of the main fermenters.
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3.5 Simultaneous Saccharification and Fermentation (SSF)

SSF is a promising method of producing ethanol from lignocellulosics. The process uses cellulase
enzyme to saccharify cellulose to glucose, which is converted to ethanol by yeast, all in the same reactor.
The immediate removal of the glucose prevents inhibition of the cellulase enzyme. SSF has been studied
by a number of researchers (Takagi et al. 1977, Meyers 1978, Ghosh et al. 1982, Deshparde et al. 1983,
Spindler ct al. 1988, Huang and Chen 1988, Szczodrak 1988, Szczodrak 1989, Spindler et al. 1989a,
Spindler ef al. 1989h) and ethanal yields vary depending on enzyme loading and quality, initial cellulose
cuncemraiun, calmbse apestinilty; dme' @nmemiog orgramsn.

Experimental ethanol yields obtained by Spindler (1989) for SSF with uncontrolled pH (pH drops from
an.initial. value, of S0 o apraximately 3.9), are. given. in. Tahle 3-3. These nmhers were ohfained with.
100-mL anaerobic shake flask experiments at 37°C, with either pretreated (with dilute sulfuric acid) wheat
straw or Populus as the substrate at a 7.5% cellulose concentration and with a complex media (yeast
extract and peptone). The pretreated substrate was washed to remove acid and other by-products before
it was used in the SSF experiments. The cellulase used was a commercial preparation obtained from
Genencor International, defined by Spindler et al. (1989a) as Genencor batch 11, as opposed to an earlier
preparation obtained from Genencor, which has been labeled Genencor batch 1. Genencor batch 1 had
superior SSF performance when compared to batch II (Spindler et al. 1988), even though the manufacturer
filter paper assay (150 TU/mL) was the same (Genencor 150 L Product Sheet). This indicates that more
work is needed to define quality standards for cellulase when used in SSF. Also tested in the studies by
Spindler (1989) were two different types of yeast: (1) S. cerevisiaze DsA and (2) a mixed culture of
S. cerevisiae DsA and B. clausenii Y1414.

In order to calculate ethanol yield at different conditions, the data shown in Table 3-5 is linearly
regressed as a function of time and enzyme loading to the following equation:

Y,=a + bt +c’ +dL +el? + flLt,

where
Y, = the theoretical cthanol yicld at a 7.5% cellulose concentration with Genencor batch
II cellulase (%),
L = cellulase loading (1U/g cellulose),
t = time (d), and
a,b,c.def = coefficients determined from the least squares multiple regression.

The coefficients are given in Table 3-6. These are good for enzyme loadings from 7-26 1U/g cellulose
and between 2-5 days for S. cerevisiae with wheat straw or 2-8 days for the other three culture-substrate
combinations. Plots of the predicted ethanol yields as a function of time, yeast culture type, and substrate
type for a cellulase loading of 7 [U/g cellulose is shown in Figure 3-1. Note that a mixed culture has
higher cthanol yields than S. cerevisiae alone and that wheat straw is better than Populus.
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Table 3-6. Regression Coefficients for Yield at 7.5% Cellulose
| i :

o Culture - Substrate a b c d e f

‘ S. cerevisiae . Wheat straw -16.35 1956 -2.18 185 -0.014 0.086
o Mixed 12 Wheat straw 11.08 11,71 -082 225 -0.055 -0.006
o §. cerevisiae Populus -26.10 1162 -0.84 236 -0.053 0.229
o Mixed | 1 Populus 2217 1506 -1.02 289 -0.068 0.077

| ;
a83. cerevisiae and B. clausenii

- In this analysis, a mixed culture is used with a hardwood feedstock (Populus). In addition, the
cellulase is assumed fo he Genencar hatieh 1. Begause the regressed function for Y, is obtained with data
it TRIRTRUL Tt T, a RATRE O '© M ' rejinvd @ Werming ‘b b FRG N il S
‘batch I cellulase. The modification is done using the data of Table 3-7 (Spindler et al. 1988), which
- shows ethanol yield with Sigmacell 50 at a 7.5% cellulose concentration as a function of the two cellulase
| tyjpes, cellulase loa(hings from 7-26 TU/g cellulose, and the two cultures previously defined. Temperature,
f pH conditions, and media are the same as for the data in Table 3-5. These data are linearly regressed
“using the form of the equation given above and yielding the coefficients shown in Table 3-8.
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Figure 3-1.  Ethanol yield from SSF at 7 IU/g cellulose for various substrates using S. cerevisiae
(S.c.) and a mixed culture
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Table 3-8. Regression Coefficients for Yield for Different Genencor Cellulases

Culture Cellulase a b c d e f

S. cerevisiae Genencor | 544 1122 -039 327 -0.056 0.102
Mixed 1@ Genencor | 462 1760 -1.05 227 -0.044 -0.101
S. cerevisiae Genencor |l -13.47  13.31 -086 256 -0.053 -0.012
Mixed | Genencor Il -5.04 1658 -1.14 184 -0.031 -0.074

8 8. cerevisiae and B. clausenii

The yield with Genencor I (Y,) is obtained by ratioing Sigmacell 50 yields for the two enzymes at the
same enzyme loading and multiplying this ratio by the yield for Genencor II (Y,) according to the
following formula:

where
Y; = the ethanol yield with Genencor I and 7.5% Sigmacell 50 (%),
Y = the ethanol yield with Genencor II and 7.5% Sigmacell 50 (%).

The above discussion assumed a cellulose concentration of 7.5%. If a different cellulose concentration
is required, the yield previously determined must be further modified. The data in Table 3-9 (Spindler
et al. 1988) present ethanol yield for Sigmacell 50 at different substrate concentrations. Conditions of
temperature, pH, and media are the same as that for the data in Table 3-5. These data are linearly
regressed using the equation shown below:

Y _=a +bC +ct +dCt,

where
C = cellulose concentration (%),
t = time (d), and
a,b,c,d = regression coefficients.

The coefficients are given in Table 3-10 and arc valid for a cellulose concentration between 7.5%-15.0%.

Table 3-10. Regression Coefficients for Yield versus Cellulose Concentration

Culture a b c d
S. cerevisiae 43.91 -1.20 6.20 -0.36
Mixed 12 46.87 -0.72 8.99 -0.30

a 8. cerevisiae and B, clausenii

Yield (Y) with Genencor I, a mixed culture, and a Populus type substrate at a concentration other than
7.5% is calculated by ratioing the yields at the new cellulose concentration to the yield at a 7.5% cellulose
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concentration, both determined from the above equation for Y. Then this ratio is multiplied by the yield
at 7.5% cellulose using Genencor I, a mixed culture, and a Populus type substrate. The equation is given

below:
Y
Y - Yz( [~ ) ,
Yrs
where
Y., = the yield at the new cellulose concentration (%), and
Y7_5 = the yield at 7.5% cellulose (%).

Y, is calculated at the effective cellulose concentration in SSF (actual cellulose present plus potential
callose dhat & prosant s athanal)  Bacsuse athana! i sabihiory & dhe fanmanalion A5 prasence must
v weoutied fui m e yed Wedetion, Towevd, e v nedifction appins il @ IRt
cellulose concentrations above 7.5%. Below this value no data are available and the yields at 7.5% are
assumed to apply. This is a conservative assumption, as the yield may be higher.

The conversion of glucose to ethanol and production of carbon dioxide is governed by the following
equation:

CH,O; - 2CHOOH +2CO,,

yielding 0.5t Ib ethanol/Ib glucose and 0.49 1b CO,/1b glucose. Cellulose is converted to the equivalent
weight of glucose by multiplying by 1.11, which accounts for the hydrolysis of cellulose to glucose.

It is assumed that 4.9 wt % (Chem Systems 1984) of the available potential glucose from cellulose
is converted to glycerol and acetaldehyde according to the following equation:

CH,0, - C,HO, + CHO + CO,,

yielding 0.51 1b glycerol/lb glucose, 0.244 1b acctaldehyde/lb glucose, and 0.244 1b CO,/lb glucose.
Cellulose is also converted to fusel oils (0.1 wt %, Chem Systems 1984) and 10.0 wt % is assumed
converted to yeast cells (Spindler 1989a) with a yicld of 0.5 1b cells/lb glucose, and the remaining
cellulose is unconverted. With these assumed values, the highest ethanol yield that could be achieved is
85%. If the experimental data gives greater yields, these numbers would need to be reevaluated. For this
analysis, SSF temperature is assumed to be 37°C, pH is uncontrolled, and the recycled water is assumed
to supply all the required nutrients for the fermentations.

The agitation power for SSF is assumed to be 0.1 hp/1,000 gal. This assumption is based on technical
information derived from visits to existing corn-to-ethanol plants and subcontract work by Elander (1988)
at CSU. The heat of fermentation for SSF is estimated from the heat of reaction of cellulose to ethanol
(256 Btw/lb cellulose) plus the agitation energy input (0.1 hp/1000 gal), which gave a heat duty of
0.67 MMBtwh/fermenter for a total heat duty of 18.1 MMBtw/h. All other heat input or losses (i.e.,
evaporation and conduction) are ignored.

The yeast culture for SSF in this study is a mixed culture of S. cerevisiae DsA and B. clausenii
Y1414. Therefore, two strains of seed fermenters are required. Each culture inoculum for the SSF
experiments is a 10% (v/v) inoculum grown on 1.0% glucose (Spindler 1989). In this study, this
procedure is also used far all seed fermentations excgpt for the final seed fermenter. For this case,.
purchasing enough glucose would have been too expensive. Therefore, glucose for the final seed cultures
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is obtained by diverting 10% of the incoming cellulose and cellulase streams to the final seed fermenters
for each culture (total of 20%). The hydrolysis of cellulose by the cellulase produces the glucose
necessary for yeast growth. It is assumed that the fermentations are long enough to convert enough
cellulose to produce a 1.0% glucose concentration. The entire contents of both seed fermenters, including
unreacted cellulose, is fed to the SSF reactors.

The fermentation and cycle times for the S. cerevisiae fermentation is 1.0 and 1.5 days, respectively,
and for the B. clausenii fermentation, 1.5 and 2.5 days, respectively. The aeration requirement for all seed
fermenters is assumed to be 0.2 vvm. Agitation power for the final seed fermenters is assumed to be
0.5 hp/1,000 gal, and 1.0 hp/1,000 gal for all other seed fermenters. Fermentation temperatures are 37°C,
pH is uncontrolled, and nutrients are assumed provided by recycled water. The cell yield is assumed to
be 0.5 g/g glucose and CO, production is ignored. The heat duty for the seed fermentation is estimated
as the heat of combustion of the cellulose actually converted to cell mass and is 8.8 MMBtu/h.
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Section 4.0

Process Design of the Base Case

41 Design Basis

Plant type

Plant location
Onstream time
Feed

Nominal capacity

Feed composition (dry basis)

Feed moisture content

Product

Ambient air temperature
Pretreatment

Cellulose conversion
Cellulase production
Xylose conversion
Lignin ut.ilizgtion

Environmental

31

The design basis for the base case process design follows.

Grass roots, Nib plant
Unspecified
8000 h/yr
1.0-in. wood chips N
160,000 1b dry wood/h (1,92b ton/d)
46.2 wt % cellulose
24.0 wt % xylan
24.0 wt % lignin
5.6 wt % solubles
0.2 wt % ash
50.0 wt %
Denatured fuel
90.3 wt % ethanol
4.7 wt % water
5.0 wt % gasoline
20°C (68°F)
Dilute sulfuric acid hydrolysis
SSF
T. reeseil
Genetically engineered E. coli

Boiler fuel

Soluble waste organics sent to anaerobic/
aerobic treatment

Solid waste organics (lignin, etc.) sent to
boiler as fuel
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Cooling tower blowdown sent to evaporation
pond

Gypsum and boiler ash sent to off-site disposal
Fermentative CO, vented to atmosphere
Flume pond drained to evaporation pond
Utilities
Steam On-site generation from solid waste organics

(lignin, etc.) and from methane and sludge from
anacrobic/aerobic waste treatment
Steam pressure levels:

50 psig (298°F)

150 psig (366°F)

Electricity On-site generation from excess steam
Excess electricity sold over the fence

Cooling water

Temperature 30°C (86°F)
Maximum allowable rise 14°C (25°F)

Chilled water

Temperature 10°C (50°F)
Maximum allowable rise 8°C (15°F)
Fermentation air 45 psig, 28°C
Plant air 100 psig
Cleaning and sterilization ~ Clean-in-place and chemical sterilization

4.2 Process Description

The following process descriptions describe the flow of materials between pieces of equipment and
give all data and assumptions, not already given in Section 3.0, used to design the process. All the data
and assumptions used (o design the process are listed in a more concise form in Appendix B and the
process flowsheets are given in Appendix E. Equipment numbers are given in the description for each
piece aof equipment on the flowsheets.

4.2.1 Wood Handling (Area 100)

Freshly cut 1.0-in. wood chips are delivered by large 23-ton trucks to receiving stations, which consist
of a hydraulic truck dumper with scale (GY-101A/B/C/D). Chips are off-loaded into a washing flume
pand ghat allbws soparatiar of leary famp amaral Sam dhe ghips. Shiss are swagnt &y watkar Alow fore
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the flume pump (PP-101) to be picked up by a radial stacking conveyor (GS-101), which transfers the
chips to the wood pile. Periodically, the flume pond is emptied by pumping the water to the evaporation
pond with the flume pump. Then any tramp material is removed from the bottom of the flume pond.

The wood pile holds a 4-day supply of chips and is managed on a first-in, first-out basis by front-end
loaders (GM-101A/B/S). It is assumed that there is no degradation in the cellulose or xylan during this
time. Chips are fed by a front-end loader to a belt conveyor (GS-102) that delivers the chips to the disk
refiners (GG-101A/B/C/D) (see Appendix A-1 for a discussion of wood chip milling). Along the
cameyer, smal mannait dams dbwir & 5 A (2.7 ) av sameved By @ aeagnate ship slaaner
(GS-103). The chips are milled down to 1/8 in. (3 mm). The milling power requirements are about
2 iy om. TR metereh K e ek e dvp dadtly ate nitled dip WAL ey
(GS-102 and are delivered to the screw feeders (GS-202A/B).

4.2.2 Pretreatment and Neutralization (Area 200)

Screw feeders (GS-202A/B) delivers wood at a controlled rate to the impregnation reactors
(MR-201A/B), which are continuous pulp digesters made of Carpenter 20 stainless steel. The reactors
operate at atmospheric pressure. From the sulfuric acid storage tank (T-201), acid is pumped by the
H,SO, pump (PP-201A/S) to a line mixer (GA-201) and mixed with hot (100°C) recycled water obtained
from the bottom of the beer distillation column after separating out the solids. The resulting sulfuric acid
solution is sprayed onto the wood in the impregnation reactors. Low-pressure steam (50 psig) is also
added to the impregnation reactors to bring the wood slurry temperature up to 100°C. A residence time
&of 10 .nh.ip ensures afficient wettine of the hinmass by the acid and water and compnlete migration of acid
into the wood structure. The solids concentration after steam, water, and acid addition is 35%.

TRR “wAR Wity BRD WU e BR PRAEINES RS MIRUNLARY, vpating o 10T puig
through a high-pressure rotary valve. These reactors are continuous pulp digesters made of Carpenter 20
stainless steel. High-pressure saturated steam (150 psig) is then added to bring the wood slurry
temperature up to 160°C. The acid concentration after steam addition is 0.85 wt %. The residence time
in the prehydrolysis reactor is 10 min, during which the xylan is converted as follows: 80.0% to xylose
and 13,0% to furfural; the balance is unconverted. Cellulose is converted as follows: 3.0% to glucose and
0.1% t6 HMF; the balance is unconverted. The appropriate polymerization factors are 1.11 b glucose/lb
cellulose, 1.14 1b xylose/Ib xylan, 0.78 Ib HMF/Ib cellulose, and 0.73 1b furfural/lb xylan.

After prehydrolysis, the slurry is discharged into a blowdown tank (T-203) operating at atmospheric
pressure.. Flash vapors are sent to the distillation section to prcheat incoming feed to the beer column.
It is assumed that all the furfural escapes in the overhead flash vapors. The slurry is mixed with hot
(100°C) recycled water in the bottom half of the blowdown tank to achieve a 12 wt % solids
concentration. It assumed that the residence time is 5.0 min and that the required mixing power is
2.0 hp/1,000 gal. The 12.0 wt % slurry is then pumped by hydrolyzate pump (PP-202A/S) to the
neutralization vessel (T-206) to be mixed with lime.

Lime is delivered by rail car and unloaded into the lime unloading pit (MF-224). It is then
transferred by the lime unloading conveyor (GS-223) to the lime storage bin (MB-220). The bin is vented
to the atmosphere through the lime dust cyclone (GC-227). Lime is added directly to the neutralization
vessel by the lime solids feeder (GS-225) and the reaction stoichiometry and solubility are as described
in Section 3.2 and Appendix C-6. It is assumed that the residence time is 10 min and that the required
mixing power is 2.0 hp/1,000 gal. The neutralized slurry is then pumped by the ncutralized hydrolyzate
pump (PP-203A/S) through the feed cooler (TT-220), using water to cool the slurry to 37°C. cooling
water. The tempcrature rise of the cooling water is 14°C. The flow out of the cooler is then split into
hwo streams: ane is send to xvlose fermentation and the other is sent to cellulase production.
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The fraction of the cellulose stream from the neutralization vessel split off to cellulase production is
determined from a balance of cellulase consumption in SSF versus cellulase production as follows:

XLm, = (1-X)(m_, + m )Y,

where
X = fraction of stream to SSF,
L = cellulase loading in SSF (IU/g cellulose),
mc = cellulose flow rate (Ib/h),
m, = xylose flow rate (Ib/h),
Y = cellulase yield (IU/g cellulose).

4.2.3 Xylose Fermentation (Area 300)

Most of the xylose-containing wood slurry from the neutralization tank (T-206) is pumped to the
xylose fermentation area. In turn, a small fraction of this material is split out to the xylose seed fermenter,
with the bulk going to the main xylose fermenters.

Xylose fermentation is anaerobic and takes place in eight continuous stirred tanks (750,000 gal)
connected in series. Fresh inoculum (10% v/v) and the wood slurry are combined continuously in the first
fermenter (FM-303A). The material then flows to each subsequent fermenter because of a hydraulic head
difference between the first and last fermenters. Each fermenter is at atmospheric pressure and filled to
95% of its total volume, pH is controlled at 6.5, and temperature is maintained at 37°C by cooling water
flowing through internal coils. The cooling water rise is 3°F and the total heat duty for all the fermenters
is 14.6 MMBtwh. The ethanol yield is approximately 95% for a residence time of 2 days and base usage
is taken from Table 3-2. It is assumed that only 90.0% of the sugars (both xylose and glucose) would
be available for conversion to ethanol because of sugars trapped within the wood particles. This reduces
the overall ethanol yield to 85.5% (0.95 x 0.90). It is also assumed that the mixing power requirements
are 0.1 hp/1,000 gal and that the recycled water contains all the nutrients necessary to support
AUCTGUrEOmSIT growidl.  Amrromid (O P comiron 15 svored’ i alve Gy cmd (T- 32705 dimd’ ased’ a o raes o
QAL IRk o athand) yrdiad,. CQ, pdiudtion wd misyvngoism, gowh ur lrdated ws deseihrd,
in Section 3.3.

E. coli inoculum is grown in a series of six batch seed fermenters (FM-305 through 310), filled to
95% of their capacity on a combined 2.0 wt % xylose and glucose substrate. The fermentation time is
12 h/fermenter with an additional 12 h required for seed fermenter cleaning and turnaround. The
temperature is 37°C and the pH is uncontrolled. Nutrients are assumed to be supplied by the recycle
water, and CO, production is ignored. The cell yield is assumed to be 0.5 g cells/g sugars and a 10%
(v/v) inoculum is used. It is assumed that the air flow rate to the seed fermenters is 0.2 vvm and that the
mixing power is 0.1 hp/1,000 gal. The seed fermenters are cooled by internal coils with an allowable
temperature rise of 3°F and the heat duty is 4.8 MMBtw/h.

The contents of the last seed fermenter flows by a pressure difference (supplied by the air
compressors) to the sced hold tank (T-301), which is sized the same as the final sced fermenter, from
which inoculum is delivered continuously to the first xylose fermenter by a pressure difference. The
maximum mixing power requirement is also assumed to be 0.1 hp/1,000 gal in the seed hold tank and the
average power required is assumed to be one-half this value because the tanks would be on average only
half full.
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Off gas from each of the xylose fermenters passes through an exhaust condenser (TT-312), which is
cooled by chilled water to remove water and ethanol from the off gas. The chilled water temperature rise
is 2°C. The amoum of ethanol leaving the fermenters is determined by an Aspen simulation using a flash
¢alculation and assuming a linear increase in ethanol concentration in each fermenter. Similarly, the
ethanol condensed in the exhaust condenser is also determined from an Aspen simulation. The remaining
¢arbon dioxide is vented and condensed water and ethanol are collected and sent to the ethanol vent
storage tank (T-507).

4.2.4 Cellulase Production (Area 400)

The xylose-containing wood slurry from the ncutralization tank (T-206) is pumped to the sterile feed
tank (T-405), which is sized for a 2-day residence time, and is held until needed by the cellulase
production or seed fermenters. The maximum mixing power requirement for the sterile feed tank is
assumed to be 2 ‘d hp/1,000 gal and the average power consumption is onc-half this value.

Feed is delivb‘red to the aerobic batch cellulase fermenters (FM-401A/B/C) and the inoculum to each
fermenter is 5% (v/v). There are three 250,000-gal fermenters, each having a fermentation time of
5.7 days and a total cycle time of 6 days. The working capacity of each fermenter is 80%. The
fermenters are operated in a staggered fashion with a new fermentation beginning every 2 days. Corn
steep liquor and nutrients are sterilized (121°C, for 15 min) in the media prep tank (T-400) by external
steam heating and then pumped by the prep tank transfer pump (PP-411A/S) to the cellulase fermenter.
Recycled water at!100°C is cooled by chilled water (temperature rise of 8°C) in the water cooler (TT-402)
to 28°C and added to a fermenter. Producing a final cellulose/xylose concentration of 5% in the fermenter
and the nutrient concentrations shown in Table 3-4. The fermentation is conducted at a temperature of
28°C, at a pH of 4.8 and a head pressure of 10 psig.

The average L‘flhllase praduction rafe (m,,. Ib/b) is calculated from the carbohvdrate (cellulose and
xylose) flow rate (m,, Ib/h) to the cellulase production fermenters, the average cellulase yield shown in
Table 3-3 (Y, IU/g of carbohydrate where carbohydrate is equivalent to cellulose in Table 3-3), and the
spediiic utivity (3,, TU/g etzyne, vdiue Stown ‘m Tdve A A i o e Wlorwing o,

_ Y
m¢ —-mc—g—.
a

It is assumed that all of the cellulose and xylose sent to the cellulase production fermenters is consumed.
The inert compohénts——lignin soluble solids, and ash—are assumed unchanged. Cell mass is calculated
from the fermenter working volume, assuming a final cell concentration of 20 g/L.. CO, production is
ignored as descnbed in Section 3.4. The oxygen uptake rate is 42 mM O,/I-h, the alr flow rate is
0.15 vvm, the mxxmg power is 1.18 hp/1,000 gal, and the heat duty is 13.1 MMBtu/h The fermenters
are cooled with chilled water using internal coils. The chilled water temperature rise is 8°C. Off gas from
the fermentation is passed through the fermenter exhaust condenser (TT-422) (8°C temperature rise) to
remove water vabpr, which is cooled by chilled water, and then is vented to the low-pressure vent system.

Ammonia is'added during the fermentation as needed from the base storage tank (T-321) at a rate of
0.045 1b/1b of ccilulowe and xylosc. The base storage tank is sized at 1% of cellulase fermentation
capacity. Antlf(xam (corn oil) is sterilized (121°C, for 15 min) in the antifoam tanks (T-403A/B) by direct
steam injection ama transported by a pressure difference as needed to the cellulase fermenter. The total
antifoam usage is 1.0 mL/L of fermenter volume (A.D. Little 1984).
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T. reesei inoculum is obtained from a series of atmospheric batch aerobic seed fermenters (FM-

401A/B through 404A/B) filled to 80% capacity and transported by pressure difference (supplied by air
compressors) to the cellulase fermenter. The fermentation time for each seed fermenter is 3.5 days and
the total cycle time is 4.0 days. The inoculum for all seed fermenters is 5% (v/v). For the last seed
fermenter, the initial substrate and media is assumed to be a 1.0 wt % combined cellulose and xylose with
the media composition shown in Table 3-4. For all other seed fermenters, 1% glucose with the same
media composition is assumed. Cooled recycle water is used for dilution purposes. The temperature of
the seed fermentations is 28°C and the pH is assumed controlled to 4.8. It is assumed that no base is used
in the seed fermenters, as discussed in Section 3.4. The cell yield is assumed to be 0.5 g cells/g cellulose
and xylose.

It is assumed that the air flow rate to each seed fermenter is 0.2 vvin. Fermentation air is sterilized
by a 2.0-um filter and injected into the bottom of each fermenter. The mixing power requirement is
0.5 hp/1,000 gal for the final seed fermenter and 1.0 hp/1,000 gal for all other seed fermenters. Each seed
fermenter is cooled by chilled water passing through internal coils with an allowable temperature rise of
8°C. The heat duty is 0.66 MMBtu/h.

At the end of the cellulase fermentation, the broth is pumped (PP-403A/S) to the cellulase hold tanks
(T-410A/B) and then numned cantinnously from the hald tank by the cellulase feed pump (PP-412A/5)
to the first SSF fermenter (FM-500A). Two hold tanks are used so that each tank can be completely
emptied before being refilled, thus eliminating any holdup that would result in loss of enzyme activity.
Each hold tank is the same size and the maximum mixing power requirement is the same as the cellulase
production fermenters. It is assumed that the average power usage by the hold tank agitator is one-half
the maximuin.

4.2.5 Simuitaneous Saccharification and Fermentation (Area 500)

The stream from the last xylose fermenter (FM-303H) flows by hydraulic head differential to the SSF
fermentation area. Twenty percent of the stream is split off to the SSF seed fermenters and the rest is sent
to the first SSF fermenter (FM-500A), where it is combined with cellulase from the cellulase hold tank
(T-410A/B) (at a cellulase loading of 7 IU/g cellulose) and S. cerevisiae inoculum (10% v/v) and
B. clausenii (10% v/v) inoculum. The SSF reactor system consists of 27 750,000-gal continuous anaerobic
stirred tanks at atmospheric pressure and connected in series. Flow between fermenters is by a hydraulic
head differential. Each fermenter is filled to 95% of its capacity, and the total residence time in all
27 fermenters is 7 days. The temperature is maintained at 37°C, and the pH is not controlled. No extra
nutrients are provided. Cellulose yield is calculated from the correlations described in Section 3.5. In
addition, 0.1% of the cellulose goes to fusel oils (Chem Systems 1984), 4.9% to glycerol/acetaldehyde
(Chem Systems 1984), and 10% to cell mass (Spindler 1988). It is assumed that 80% of thc xylan left
uncanverted hy the nretreatmens process is canverted fo xvlase by the xvlanases contained in the cellulase
broth. The cell yield is assumed to be 0.5 g cells/g cellulose. CO, production is as described in
Section 3.5. The mixing power requirement is 0.1 hp/1,000 gal. The total heat duty is 18.1 MMBtu/h
and cooling is accomplished by cooling water in internal coils with a 3°C allowable temperature rise.

The yeast inoculums (S. cerevisiae and B. clausenii) are obtained from a series of six batch aerobic

seed fermenters (FM-501A/B through 506A/B), each filled to 95% capacity. The fermentation time is 1
day and 2 days for S. cerevisiae and B. clausenii, respectively, and total cycle time is 1.5 days and
2.5 days, respectively. The inoculum for each subsequent fermentation is 10% (v/v). The substrate for
the seed fermenters is purchased 1.0 wt % glucose, except for the final sced fermenters, which use a
portion of the wood slurry and cellulase stream to produce the 1.0 wt % glucose. The cellulase loading
is the same as the main SSF fermenters (7 IU/g cellulose). The temperature is 37°C, the pH is
uncontroifed, 4 cell’ yieia' o1’ 0.3 ¢ cerir giavose 15 assunrey, ams' G35 prouticnn 1§ rignored.
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It is assumed that the air flow rate is 0.2 vvm and that the mixing power requirements are
0.5 hp/1,000 gal for the final seed fermentation and 1.0 hp/1,000 gal for all other sced fermentations. The
heaf duty is 8.8 MMBtu/h and the seed fermenters are cooled with cooling water flowing through internal
coil$ with an allowable temperature rise of 3°C. The contents of the final seed fermenters are transported
by pressure difference to the seed hold tanks (T-501A/B), which are sized the same as their respective seed
fem‘lenters and then transferred continuously by pressure difference to the first SSF fermenter. The
maximum mixing power requirement for the seed hold tanks is assumed to be 0.1 hp/1,000 gal, and the

| i . . .
average power requirement is assumed to be one-half the maximum.
|

TOff gas flows through the exhaust condenser (TT-525), which uses chilled water with a 2°C
temberaﬁure rise, to remove water and ethanol vapor from the gas stream. The composition of the vent
and. condrensate streams from the exhaust condenser is determined by an Aspen simulation. The
condensate which is enriched in ethanol, is combined with the condensed ethanol stream from the xylose
fermenters and stored in the ethanol vent storage tank (T-507). The contents of this tank are pumped by
the ethanol vent pump (PP-509) to the rectification column (AS-602) to further remove water. The off
gas, containing mainly carbon dioxide, is vented.

4.2.6 Ethanol Purification and Solid Separation (Area 600)

Dilute beer from the last SSF fermenter (FM-500AA) is pumped by the beer transfer pump (PP-
505A/S) through the feed cross exchanger (TT-615) to be heated to 64°C by exchange with flash vapor
(100°C)ifrom the blowdown tank (T-203). The dilute beer is further heated by 50 psig condensing steam
(298°C)iin the feed preheater (TT-613). The rest of the design of the distillation system is by Badger
Engmeers Inc. (1984), except that heat exchanger calculations were performed by SERI staff members.
Then beer, along with the bottom steam from the rectification column (AS-602), enters the degasser drum
(T 601), ahore some -of the digsolued gasee (primarily CO.) leane as flagh vapar  The degasser draum
condenser (TT-602) uses cooling water with an allowable 25°F temperature rise to condense ethanol and
water fr(Dm the vent gases. Uncondensed vapor passes on to the low-pressure vent system. Degassed beer
then enters the beer column (AS-601). Heat to the beer column is supplied through a thermosiphon
reboiler (TT-603), using low-pressure steam. The bottoms are pumped by the beer column bottoms pump
(PP-601A/S) to lignin separation,

The overheads from the beer column (containing 40 wt % ethanol, Badger 1984) are condensed by
the heer calumo condenser (TT-A05). usine coaline water (25°F semnerature rise). and are collected in the
beer column reflux drum (T-602). The beer drum vent condenser (TT-606) uses cooling water (25°F
temperature rise) to condense vaporized ethanol and water and return them back to the reflux drum.
Remaining vapors pass on to the low-pressure vent system. The beer column reflux pump (PP-603A/S)
returns a portion of the liquid from the reflux drum back to the beer column and sends the rest to the
rectification column (AS-602). The reflux ratio for the beer column is 0.4 (Badger 1984).

In addition to the feed from the beer column, the rectification column also receives the condensed
ethanol stream from the ethanol vent storage tank (T-507). This is added near the top of the column. The
bottom stream from the rectification column is pumped by the rectification column bottoms pump
(PP-607A/S) to the degasser drum (T-601). Heat is supplied to the rectification column through the
thermosiphon reboiler (TT-609), using low-pressure steam as the heat source. The overhead vapor is
condensed with cooling water (25°F temperature rise) in the rectification column condenser (TT-610) and
collected in the rectification column reflux drum (T-605). Vapors from the reflux drum are condensed
with cooling water (25°F temperature rise) in the rectification column vent condenser (TT:611) and
returned to the reflux drum. Remaining vapors pass on to the low-pressure vent system. A portion of
the liquid from the reflux drum is pumped by the rectification column reflux pump (PP-608A/S) back to
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the rectification column. The rectification column reflux ratio is 1.6 (Badger 1984). The rest of the
liquid, containing 95 wt % ethanol, is pumped to the ethanol product tank (T-701A/B).

Fusel oils, chiefly amyl, isoamyl and propyl alcohol, will accumulate within the rectification column
if not removed. Therefore, a small side strecam is withdrawn from the rectification column, mixed with
process water (5.0 1b/lb fusel oils, Badger 1984) and cooled with cooling water (25°F temperature rise)
in the fusel oil cooler (TT-607). This stream then enters the fusel oil decanter (T-603). There the fusel
oil is decanted and pumped by the fusel oil pump (PP-605A/S) to the boiler (HB-901). Water and ethanol
are returned to the rectification column by the wash return pump (PP-604A/S).

The stream from the bottom of the beer column is combined with sump solids from the recycled water
tank (T-630) and sent to the centrifuge (GC-609A/B/C). The centrifuge is assumed to recover 95% of the
solids and to concentrate the solids to 50 wt %. Concentrated solids are transported by sludge screws
(GS-611A/B) to the boiler (HB-901). Water overflow from the centrifuge, which still contains a small
fraction of solids, is sent to the recycled water tank. Solids collecting on the bottom of the tank are sent
back to the centrifuge by the sump pump (PP-632). A recycled water pump (PP-631A/S) delivers water
to waste treatment or mixes recycled water with fresh process water and recycles it back to the process.
Fresh process water is added to reduce the level of organics buildup in the recycled stream.

4.2.7 Off-site Tanks (Area 700)

Ethanol from the rectification reflux drum (T-605) is pumped (PP-608A/S) to the ethanol product
ks (T A0 A/ S Sizeu’ (O 18 aays” siorage).  Phor o aremng de damk; 95 11 orf edraoot’ progber iy
blended with 5 1b of gasoline. Gasoline is delivered by truck or rail and stored in the gasoline storage
tank (T-710) (sized the same as Badger 1984). Gasoline is blended with ethanol by using the gasoline-
‘vreming pump PRTIOASD. Trreinet Tuedh @icach s fen pumped W ke Stipping ponh vy e gieach
export pump (PP-701A/B/S).

Corn steep liquor (CSL) is delivered to the CSL tank (T-720) (sized for 30 days’ storage) by truck
or railcar. The CSL transfer pump (PP-720A/S) delivers CSL to the media prep tank (T-400) as needed.

Concentrated sulfuric acid is delivered by truck or railcar to the sulfuric acid storage tank (T-703)
(sized for 9 days’ storage based on the Badger [1984] design). Moisture is kept from the acid by a
desiccant air filter (GF-703). A sulfuric acid transfer pump (PP-703A/S) transports acid to the H,SO,
tank (T-201).

Liquid ammonia is delivered by truck or railcar to NH; storage tanks (T-700A/B) (sized for 4 days’
storage). Liquid ammonia is pumped as needed by the NH; transfer pump (PP-706A/S) to the base tank
(T-321). )

Corn oil, which is used as an antifoam agent, is delivered by truck or railcar to an antifoam storage
tank (T-707) (sized for 3 weeks’ storage). Corn oil is pumped as needed by the antifoam transfer pump
(PP-707A/S) to the antifoam tank (T-403A/B).

Diesel fuel is delivered by truck and stored in the diesel fuel tank (T-708) (sized the same as Badger
J1984) Fuel is delivered fo mohile equinmenr by the diesel fuel nnmp (PP-7T08A/S)

Fire water is stored in the fire water tank (T-704) (sized the same as Badger 1984) and delivered to
the fire water mains with the fire water pump (PP-704A/S).
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428 Waste Trantmant (Aar K4

The waste treatment sysfem consist of three sections: anaerobic digestion. aerobic digestion, and a low-
_pressure vent system. The design of this system was taken from the study of Badger Engineers, Inc.
(1984). All design data were from Badger (1984) except the methane production rate, which was obtained
from C. Rivard of SERI (1990). Because the anacrobic process is proprietary to Badger and no design
~information is given, some assumptions are made in this section of the plant. Wastewater from lignin
separation (PP-631A/S), the clean-in-place system (PP-960), the feed cross exchanger (TT-615), and the
low-pressure vents (MS-810) flow to and are blended in the equalization tank (T-803). Reactor feed pump
(PP-808A/S) pumps hot wastewater to the feed cooler (TT-802), which lowers the temperature to 35°C
. by exchange with cooling water (25°F temperature rise). The wastewater is mixed with a portion of the
anaerobic reactor effluent and fed to the anaerobic reactor (T-804), which produces methane. The
anaerobic reactor converts 90% of the effluent organics (lignin is the only organic not converted), of which
0.8 1b of biogas are produced/lb of organics converted. The balance is assumed converted to cell mass.
The biogas is 70.0 mol % methane and 30.0 mol % carbon dioxide (Rivard 1990). The gas passes
through the off gas suction knockout pot (MS-806) to the off gas blower (PB-810). The off gas is
compressed and sent to the off gas knockout drum (MS-809). System pressure is maintained by recycling
off gas back to the outlet of the anaerobic reactor through the off gas cooler (TT-801) (size assumed to
be 500 ft2) which cools with cooling water, or by using makeup nitrogen. Excess system pressure will
divert off gas to the off gas burner (GO-806) to be flared. All gas produced, except that which is flared,
is spnt to the boiler as fuel. Liquid effluent from the anaerobic reactor (T-804) overflows into the reactor
surge drum (MS-805) and is pumped by the reactor recycle pump (PP-809) to the biotreater (T-807). A
portion is recycled back to the anaerobic reactor.

- The remaining wastewater chemical oxygen demand (COD) in the liquid effluent from the anaerobic
digester is removed by the aerobic digestion system. The wastewater from the anacrobic reactor is
" combined with overflow from the sludge centrifuge (GC-801) and fed to the biotreater (T-807), where all
" remaining organics are degraded except lignin. Air is injected through the biotreater aerators (GV-807)
into the biotreater by the acration blower (PB-812A/S). Effluent from the biotreater is combined with the
sand filter backwash and boiler blowdown wastewater and is fed to the secondary clarifier (GV-808).
Overflow from the clarifier is pumped by the final effluent pumps (PP-816A/S) to the process water tank
(T-901).

The underﬂow from the clarifier is pumped by the sludge pump (PP-813A/S) to the sludge centrifuge
(GC-801). Overflow from the centrifuge is sent back to the biotreater and underflow, assumed to contain
100% of the solids at a solids concentration of 50%, is fed to the sludge screw (GS-801) and delivered
to the bhoiler (HB-901).

All low-pressure vents are drawn into the low-pressure vent knockout drum (MS-810) where entrained

~ liquids are removed and sent to the anaerobic reactor (T-803). The remaining gas is transported to the

boilers (HB-901A/B) by the low-pressure vent blower (PB-817A/S). A bypass around the blower is used
for pressure qomrol.

4.2.9 Utilities (Area 900)

4.29.1 Boiler and Steam Distribution (BESSF-910). The boiler (HB-901) is designed to burn liquid,
gaseous, and solid fuels and to generate 1100 psia steam with 300°F of superheat. The boiler is sized to
handle the waste streams from the plant. Gaseous and liquid fuels are burned directly and wet solids are
first sent to a,drying system that dries and fluidizes the solids into the boiler using boiler flue gas. Based
on vendor caicuiations, the doiter erifciency, oy abying, i §3.6%. Any am’ gypsunt soitad fat over
after combustion are sent to off-site disposal. Electrical power is generted by letting steam down through
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the mrbogenerator. Steam is let down to the two levels required by the process, 150 psig (366°F) and 50
psig (298°F), and any remaining steam is condensed at 89 mm Hg. Condensate is returned to the boiler
feed water (BFW) system and recycled back to the boiler.

4.2.9.2 Boiler Feed Water System (BESSF-930). This system is based on the design of Badger (1984)
and is sized by ratioing our flow rate to the flow rate of the Badger design. All recoverable condensate
from the steam system is collected in the condensate collection tank (T-930) and then pumped by the
condensate pump (PP-910A/S) through the condensate polisher (GU-904 A/S) to the condensate surge drum
(MS-904). Fresh makeup water is added to the condensate surge drum through the demineralizer (GU-
903A/B). The fresh water makeup rate is assumed to be 3.0% of steam usage plus steam used for direct
injection into the process (i.e., steam injected into the wood slurry during impregnation and prehydrolysis)
and steam lost in the deaerator. Condensate and makeup water is transferred by the deaerator pump
(PP-909A/S) to the deaerator (GV-906). The deaerator operates at 10 psig (68.9 kPa) and expels air and
steam to the atmosphere. Low-pressure steam for deaeration is supplied to the deaerator from the 50 psig
distribution header, by flashes from the condensate collection tank, and from the boiler blowdown flash
drum (MS-902). Boiler blowdown is collected in the blowdown flash drum (MS-902) and then is pumped
by the blowdown pump (PP-906A/S) to aerobic digestion.

Deacrated boiler feedwater is treated with hydrazine and ammonia in the deaerator. Hydrazine is
stored' At de iyutasine grovr GRESSAPT) amd' 5 pomprad’ Oy dive dyahaaime Gt pump FESUTT 0 o
mixed with condensate in hydrazine addition unit (GU-907), which is then pumped to the deaerator.
Ammonia is mixed with condensate in ammonia addition unit (GU-908) and then is fed to the deaerator.
Phosphate dumped from bags is mixed with condensate in the phosphate addition unit (GU-909) and then
used to dose the boiler steam drums. Deaerated and treated water is transferred by the high-pressure BFW
pump (PP-908A/S) to the boilers.

4.29.3 Process Water System (BESSF-920). This system was based on the design of Badger (1984)
4y’ was” S1zed' Oy radong our flow raie w dle 1fow rate o ufe Buaager aksign.  Frocess warer 15 prepared’
Ry mumping, wadl watan with, the wall, waten pumn, (RR-O1ALL), thryuh, 2 sand, and, anthrcite Giten (CF-
901). A small fraction of the water (before filtration) is diverted to the wood washing pond. Process
water transfer pump (PP-902A/S) feeds filtered water to the process water tank (T-901). Backwash feed
pump (PP-904A/B) provides water for backwashing of the filter (GF-901). Backwash overflow from the
filter is collected in the backwash transfer tank (T-905) and then transported by the backwash transfer
pump (PP-905A/S) to the secondary clarifier (GV-808). Process water is distributed to the process water
ring main by the process water circulating pump (PP-903A/S).

254 Turvgamerador (PESSF-94G).  Tie dconfugemeraor 1y sized’ fased’ o dlie Fow rde o1 svednt fonr
the boiler by ABB Sprout-Bauer (vendor quote). Based on that quote, it has an efficiency of 78.5%. The
turbogenerator (GZ-911) is rated for 1100 psia, 300°F superheated steam. The unit includes a condenser,
vacuum ejector set, and controls. The turbine condensate pump (PP-901A/S) returns condensate to the
BFW system. The generator output is 13500 VAC, which is transtformed to 480 VAC, 60 Hz, 3 phase,
and 120/200 VAC, 60 Hz, 3 phase.

4295 Conding Water System. (RESSE-940)), . The cding tawer, is gizad hased on the reauired cnling,
water flow rate. The cooling tower (GT-912) provides cooling water at 30°C with a maximum allowable
temperature rise of 14°C (25°F). Pressure in the cooling water distribution system is maintained at 60 psig
(410 kPa) by the cooling water pumps (PP-912A-F/S).. Cooling tower blowdown containing dissolved
salts is discharged directly to an evaporation pond. The water losses are 1.3% of flow for evaporation,
0.3% of flow for windage, and 2.7% of flow for blowdown (Walas 1988).
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4.2.9.6 Plant and Instrument Air Systems (BESSF-940). Plant and instrument air are provided by the
air compressor (PC-910) (100 psig). This compressor charges the plant air receiver (MS-906), from which
plant air'is withdrawn. The instrument air receiver (MS-907) receives air from the plant air receiver
through the instrument air dryer (GY-910), from which instrument air is withdrawn.

4.2.9.7 Sterile Air System (BESSF-950). Sterile air is provided by an air compressor package (PK-
950A/B/S), which is sized based on the required air flow rate by Ingersoll-Rand (vendor quote). The air
is cooled to 28°C by intercoolers and then sent through a prefilter to the fermentation air users.

4.2.9.8 Chilled Water System (BESSF-950). Chilled water is provided at 10°C (50°F) by the chilled
water package (PK-950), which includes circulation pumps. This package is sized based on the required
chilled water flow rate. The maximum allowable temperature risc is 8°C (15°F).

4,299 Clean-in-Placé and Chemical Sterilization (CIP/CS) System (BESSF-950 and BESSF-960).
The clean-in-place and chemical sterilization system is designed to clean and sterilize fermenters and tanks
prior to use. Sterile water used by the system is first obtained by heating process water in the water
sterilizer (TT-953) with low-pressure steam. This water is held for 15 min in a coil and then stored in
the sterile water tank (T-953). On demand, sterile water is fed to the CIP/CS system by the sterile water
pump (PP-953).

Cleaning chemicals are mixed with sterile water in the cleaning tank (T-961). The solution is pumped
to the appropriate vessel by the supply pump (PP-960A/S). The cleaning solution is collected and returned
to the cleaning tank by the CIP/CS sump pump (PP-965A/B/C/S). A separate sump pump is used for each
area. Then the vessel is rinsed with sterile water and this water is collected by the CIP/CS sump pump
and sent to waste treatment. Next, sterilizing solution from the sterilization tank (T-960) is pumped (PP-
960A/S) to the appropriate vessel and collected by the CIP/CS sump pump and returned to the sterilization
tank. Finally, the vessel is rinsed with sterile water from the sterile rinse water tank (T-963), which is also
collected by the CIP/CS sump pump and returned back to the sterile rinse water tank. Periodically, the
contents of the sterile rinse water tank (T-963), the sterilization tank (T-960), and the cleaning tank (T-
961) are dumped to the waste treatment system by the supply pump (PP-960A/S).

No design information was available for the CIP/CS system, so it was arbitrarily sized at 10,000-gal
tanks and for an average flow ratc of 320 Ib/h.

4.3 Process Flowsheets and Material Balance

This section presents the detailed process flowsheets for the overall biomass-to-ethanol process. Each
flowsheet includes equipment configuration and type and material balance information. Process
o L. | . . . .
descriptions for these flowsheets were given in the preceding section.

4.4 Process Utility Summary

The utility summary for the base case plant is shown in Table 4-1. Steam requirements are
determined from the material balance calculations. Steam is generated in the boiler from the burning of
lignin, unreacted solids, and methane produced from the anaerobic digestion of the waste stream. This
steam is let down f{o the two levels required by the process, 150 psig (366°F) and 50 psig (298°F). Low-
pressure steam (50 psig) is used primarily in the reboilers of the beer and rectification columns in the
ethanol purification area of the plant. The next major steam use is for preheating the wood slurry in the
impregnation reactor during pretreatment. High-pressure steam (150 psig) is required only during
pretreatment to obtain the high temperature (160°C) needed for prehydrolysis.

SERI Proprietary information
41 Do Not Copy



(MW o€l) ymg WN vt
(MW 1'€2) ymg WIN 8'8L
(MW 19g) umg W 2€21

payodxa b_o_‘;om_“m
pewinsuco A1oLos|g
peonpoid Ayouos|g

y/al 8.8°cEY [eof
y/al £58°'22e Bisd og o} weelg
W/ ¥Se‘ Ly Bisd 0| o} weslg
y/dl 129°691 pasuspuod uwes|g
wdb 2/62 :sjuswalinbal lojem j{|apn 1oje1suaboqiny o} weslyg
Lsv'Lve 6.€'€ 9ev'L9 8'8L poe' Ly 69.'cce [elo]
02 00002 SnosuejjeosIy
26l L9¥'SL L¥e 901 SN 006
6lL9'c el Jusleal) B1SEA\ 00%
€0 obexue) alis-40O 00«
L9¥'0L 1 986°LL1 uoneoyund joueyi3 00y
0SL°6G1 8G1 ooL‘ol 8L 488 00§
88c'sy vLLL GeC A uononpoid esen|ien 00,
cLo'oy 150 ory'el I'e uonejuauLIa) 8sojAx o0&
LE6'L ol pSe' LY 16508 luswiesiold 00z
oov 0'9¢ Buypuey pocop 004
(usan) (wdb) (wdb) (uma WW) (u/ar) (usar) Baly
Iy JENCTYY Jajep umEsm:_oO Bisd o051 Bisd og
uoljejuswiied paliyo Bunoo) Ayouos|3 wes]g

frewwnsg ssyun °1-v ejqel

SERI Proprietary Information

MNa AMad MAaras



Electricity usage (23.1 MW) is taken from the equipment specifications shown in the equipment list
of Section 4.5. Electricity is produced (36.1 MW) by letting high-pressure steam from the boiler down
through a turbogenerator. - All plant electrical requirements are met and the additional power (13.0 MW)
is sold to the grid. At the bottom of Table 4-1 is the total steam production from the boiler and its
distribution to various pressures, total power generated, electricity consumption, and export. The utilities
area is the largest user of electricity because of the air compressors and chilled water system. Within the
process, the largest single user of electricity are the disc refiners in wood handling area, which is based
on an ABB Sprout-Bauer vendor quote. The SSF area is also a large user of electricity because of the
agitation réquirements for the fermenters.

Cooling water rates are determined from material balance information, stream temperaturcs and
enthalpies, and assumed cooling water rises. The temperature of the cooling water is 30°C with a
maximum allowable temperature rise of 14°C. Cooling water is used extensively in xylose fermentation
and SSF for fermenter cooling, in the beer and rectification column condensers in ethanol purification, and
in the utilities area for the turbogenerator condensers.

As with cooling water, chilled water rates are determined from material balance information, stream
temperatures and enthalpies, and the assumed chilled-water temperature rises. The temperature of the
chilled water is 10°C with a maximum 15°C allowable temperature rise. Chilled water is primarily
required in cellulase fermentation for fermenter cooling and for interstage cooling of the air compressors
in the utilities area.

Well water, as listed at the bottom of the table, is required to replace losses from the cooling towers
and water injected into the process.

Fermentation air requirements are based on fermenter volumes and air rates as previously discussed.
The largest user of air is the SSF seed fermenters, because of the large seed fermenter volumes.

45 Equibment List

This section presents the equipment list detailed by cquipment type. The equipment types are pumps,
solids hanﬁling equipment, heat exchangers, vesscls, towers, and miscellaneous equipment. Each list
contains sQeciﬁcations, the number required, the cost, and the cost source. Equipment is sized, either by
SERI staff members or by vendors, based on the material balance information presented on the flowsheets
and specificatinns nresented in Anpendix B and discussed in Sections 3.0 and 4.0. or by ratioing to sizes
of equipment in the Badger study (1984), as previously discussed.

Pumps are sized based on the required flow rate and an estimate of the total head as given on the
equipmenq list. From this information, the brake horsepower is determined and the required motor size
is calculated from a motor efficiency curve (Ulrich 1984). Heat exchangers are sized from the flow rates
and temperatures shown on the flowsheets and by using the heat transfer coefficients given in
Appantiy S5 Vassal sizing ds hasad air ahe flow ratas, A capadiy;, and rasidance dimes (oivar ie dhe
discussions in Sections 3.0 and 4.0). Agitator size (brake hp requirement) is based on the specifications
given in Sections 3.0 and:4.0 (hp/1,000 gal), where the motor efficiency curve is again used to determine
RV AL AN 572 . SN A AT SRR Yo S G TN AR S O vt Tiea i, W ke 0N,
Ulrich (1984), and Perry and Chilton (1973).

The cost shown in the equipment list is in first-quarter 1990 dollars updated from the original cost
source or from vendor quotes from 1 to 6 years ago. These are updated to 1990 dollars with the chemical
engineering plant cost indexes published in Chemical Engineering. Costs for the equipment are developed
from published cost curves, cost curves developed from previous ICARUS cost runs, and cost-estimating
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software (Chemcost). Costs for certain critical pieces of equipment were obtained or verified by vendor
quotes, because they represent a large fraction of the total cost of the plant. These items are the boiler,
the turbogenerator, fermentation air compressors, SSF and xylose fermenters, ethanol product tanks,
impregnator and prehydrolysis reactors, the screw feeder to the impregnator, and disk refiners. These
items represent approximately 70% of the total base equipment cost.

4.6 Plot Plan

A plot plan for the biomass-to-ethanol plant is presented in Drawing No..BESSF-1000. This is a
preliminary layout based on equipment sizes when known and assumptions when unknown. Much of the
layout used plot plan information from Badger (1984), which was for a plant having the same wood feed
rate. The following buildings and areas are sized according to the Badger study; the maintenance building,
the warehouse building, the administration building, the utilities area, and the off-site tanks.

ITre woud' Ol piiks 1y sizad’ dased’ o die dlimemaony o1 die raaka’ stuolimg cunveyor ana’ de annts
of repose of the chips. Considering the angle of repose of 30° and the length of the conveyor, the
maximum chip pile height is 41 ft. Assuming an angle of 270° is swept out by the conveyor and that the
bulk density of the wood chips is 19 1b/fit3 , the chip pile storage is calculated to be approximately 4 days.
The flume pond size is assumed to be 100 ft x 100 ft.

A building, arbitrarily sized at 140 ft x 150 ft, houses the disk refiners, impregnation and
prehydrolysis reactors, H,SO, tank, blowdown tank, neutralization vessel, and the lime storage bin. The
lime pit size is taken from Badger’s equipment list and is located outside the prehydrolysis building and
covered by 2a shed to protect the open lime pit. Lime is conveyed by a covered conveyor to the lime
storage bin inside the building.

The fermentation area (cellulase production, xylose fermentation, and SSF) is sized by laying out each
tank in the area as shown in Drawing No. BESSF-1001. The total area required is approximately 340 ft x
560 ft. It is assumed that 10 ft would be an adequate spacing between fermenters. The control room and
laboratory buildings are also arbitrarily sized.

Detailed equipment layout is not done for the ethanol purification and solids separation area.
However, based on the size of the columns and some ancillary equipment, this area is assumed to be
approximately 100 ft x 120 ft. A 100 ft x 120 ft building is added to house the centrifugation equipment.
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Section 5.0

Economic Analysis of Base Case

5.1 Capital Cost

A breakdown of purchased equipment cost (1990 dollars) by process area is given in Table 5-1. The
purchased cost of the boiler is not included in the utility area because this cost was for an installed
package. The total purchased equipment cost (except for the boiler) is $37.22 MM.

The dnsvatlas! cose f Whe aguinmant Levagnt for the hailen) is 2. 85 fimes the purchased equinment cost.
This factor was obtained from capital cost data for existing corn-to-ethanol plants and from ICARUS
(1987) information. The installed cost includes direct field costs (labor and materials for purchased
equipment, equipment setting, piping, civil, steel, instrumentation, electrical, insulation, painting, buildings,
and land) and indirect costs (engineering, construction, overhead, contractor’s fee, contingency, and special
avges) e Aol cose ofF die aqeinman plas $he desallas cast oF dhe hailer package, plus @
miscellancous cost for unlisted equipment (assumed to be 2% of the fixed capital investment) gives a fixed
capital investment of $128.42 MM.

The total capital investment is the sum of the fixed capital investment, start-up cost, and working
capital. Start-up cost is 5.0% of fixed capital investment (Chem Systems 1990). Working capital is
calculated according to the methodology of Chem Systems (1990) and is the sum of three items:

1. Accounts receivable - one month’s gross cost of production (net cost of production less by-product
credit

2. Cash - one week’s gross cost of production

3. Warehouse/spares - 3.0% of fixed capital investment

Less a fourth item:

4, Acc@unts payable - one month’s raw material cost
The total capital invesitment for this plant is $141.24 MM.
5.2 ‘Econo%mic Anélysis

The total cost for denatured fuel is shown in Table 5-2 for a production rate of 58.5 MM gal/yr. Both
the capital cost estimate and the production economics arc done on the basis of first-quarter 1990 dollars.
Chemical costs were taken from the Chemical Marketing Reporter (1990), wood was assumed to cost
$42/dry ton (2.1¢/lb),§and makeup water was assumed to cost 10¢/1,000 gal. The solids from the boiler
are disposed of at a cost of $20/ton and a credit was taken for excess electricity produced at 4.0¢/kWh.

The economic ba$is for this plant is again taken from Chem Systems (1990) and is given below:

« Labor is 41 opc‘rat()rs/l:echnicians at $29,800/yr

+ Nine foremen at $34,000/yr

+ One supervisor at $40,000/yr

+ Direct overhead is 45% of manpower cost

+ Maintenance is 3% of fixed capital investment

* General plant overhead is 65% of manpower costs and maintenance
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Table 5-1. Capital Cost Summary

Plant Area Base Case Equipment Cost
($ MM)
100 Wood handling 2.51
200 Aelyatuysis &3
300 Xylose fermentation
Seed fermenters 0.34
Fermentars 1.78
Remaining equipment 0.04
Total 2.16
400 Cellulase production
Seed fermenters 0.09
Fermenters 0.80
Remaining equipment 0.08
Total 0.97
500 SSF
Seed fermenters 1.11
Fermenters 6.17
Remaining equipment 0.08
Total 7.36
'600 Ethanol recovery
Rectification column 0.25
Remaining equipment 1.15
Total 1.40
700 Off-site tankage 1.44
800 Waste treatment
Wastewater treatment 1.24
Remaining equipment 0.15
Total 1.39
900 Utilities
Boiler feed water 1.31
Process water 0.33
Turbogenerator 6.50
Cooling water 0.92
Chilled water 0.60
Fermentation air 1.82
Auxiliary utilities 0.20
Total 11.68
Total Equipment Cost (except boiler) 37.22
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Table 5-1. Capital Cost Summary (Concluded)

Total Equipment Cost (except boiler) 37.22
Times 2.85 installation factor 106.08
Boiler package 19.82
Miscellaneous 2.52
Total Fixed Capital Investment 128.42
Startup cost 6.42
Working capital 6.40
Total Capital Investment 141.24

+ Insurance and taxes are 1.5% of fixed capital investment
+ ‘Annual capital charges are 20% of total capital investment. This charge is apprommately equivalent
to a 10% discounted cash flow rate of return with the following parameters:
- Three years for construction with expenditures of 30% in the first year, 50% in the second year,
and 20% in the third year
- Fifteen years of operation
-. Income tax rate of 37%
- No sales expenses
- Capacity buildup of 60% of nameplate capacity in the first year, 80% in the second year, and
100% from the third year onward
- Depreciation at 5 years straight line for battery limits investment and 15 years straight line for
outside battery limits investment.

The variable operating cost is 60.1¢/gal and the fixed operating cost is 19.8¢/gal, giving a gross cost
of production of 79.8¢/gal. When by-product credits are included, the net cost of production is 73.4¢/gal.
The annual capital charge of 48.3¢/gal, added on to the net cost of production, gives a denatured fuel cost
of 121.7¢/gal. ‘

5.3 Allocated Cost

The allocation of total cost for utilities and feedstock to each of the plant areas using these services
gives a more realistic assessment of cost for each process area. Feedstock cost is allocated based on the
heating value of each feed component (i.e., celulose, xylan, lignin, etc.) and the area of the plant that uses
that component. Leftover lignin could not be allocated to any of the other areas and so was placed in the
other category. The capital cost of utility services such as steam, air, chilled water, cooling water, and
electricity is allocated based on demand in each plant area. The allocated cost for utilities fortuitously is
zero, because the remaining cost for the turbogenerator and boiler is canceled by the credit for electricity
production.

As shown in Figure 5-1, the allocated cost of SSF is the largest in the plant, followed closely by
pretreatment. Therefore, these areas offer the greatest potential for cost reductions either by reducing
capital and/or operating cost. Wastewater treatment, which accounts 2.2% of the total allocated cost,
leaves little room for improvement.
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Table 5-2. Cost of Production Estimate for Denatured Fuel

Capacity: 58.5 MM gal/yr denatured fuel
Total Capital Investment: $141.24 MM
Capital Investment/Annual Gallon: $2.41/gal

¢/unit MM$/yr ¢/gal
Materials »
Wood (Ib) 2.10 26.88 459
Acid (Ib) 3.75 0.86 1.5
Lime (Ib) 2.25 0.38 0.7
Ammonia (Ib) 5.00 1.76 3.0
Corn steep liquor (Ib) 11.00 0.40 0.7
Nutrients (lb) 12.40 0.13 0.2
Antifoam (Ib) 26.00 0.06 0.1
Glucose (Ib) 53.00 1.68 29
Giasoline (Ib) 12.81 2.21 3.8
Diesel (Ib) 12.81 0.64 1.1
Makeup water (Ib) 0.00 0.14 0.2
Subtotal - Variable Cost 35.16 60.1
Fixed Operating Cost
Labor 1.20 21
Foreman 0.30 05
Supervision 0.00 0.1
Direct overhead 0.70 1.2
Maintenance 3.90 6.6
General plant overhead 3.60 6.0
Insurance and taxes 1.90 3.3
.Subtotal - Fixed Operating Cost 11.60 19.8
By-product credits
Electricity (kWh) 4.00 416 7.1
Solids Disposal (Ib) 1.00 (0.4) (0.7)
Net cost of production 43.00 734
Annual capital charge 28.20 483
Denatured fuel cost 71.20 121.7
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Figure 5-1. Total plant cost allocated to each of the process areas
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Section 6.0

Optimization of Base Sase Selkdase Production and SSF Performantce

A scries of analyses was carried out to determine the optimum cellulase loading to SSF for three
different conversion levels: 72%, 80%, and 85%. SSF residence time for a given conversion level and
cellulase loading combination is determined using the yield expression described in Section 3.2.4 of this
report. Ethanol yields for Genencor batch I enzyme, with a mixed culture of S; cerevisiae and B, clausenii
on Populus substrate, are used. The values used for cellulase loading and SSF fermentation time in the
analysis are, for the most part, within the limits of the data. The data ranges are fermentation times of
2 fo & days and vallwlase eadtings o 7 & 26 1T calfmbse, Oy ufe fowest ceilulase loadings 1or the
72% conversion level are slightly outside the regressed data range.

The. oimizatinn. hetwaan clhdass, prdtion wd SST JRITMRE 15 Terdavery tompiex. “Wnen
cellulase loading is increased for a given SSF conversion level, the following major changes result:

Decreases in:
SF capacity and capital costs
Ethanol purification capacity and costs
Ethanol production rate
Grand total capital investment (over the range of cellulase loadings investigated)
Net power to sales.

Increases in:
Cellulase production capacity and capital costs
Boiler capacity and capital cost
Turbogenerator capacity and capital cost
Chilled water system capacity and capital cost
Fermentation air system and capital cost
Chemical and nutrient costs.

Figure 6-1 shows the variation of total ethanol cost as a function of cellulase loading for the three
conversion levels. Each of the three curves has a minimum ethanol cost at a different cellulase loading.
The estimated minimum costs are:

* 121.7¢/gal for 6.85 IU/g cellulose at 72% SSF conversion level, 7-day SSF
* 117.0¢/gal for 9.0 IU/g cellulose at 80% SSF conversion level, 7.3-day SSF
* 114.7¢/gal for 11.0 IU/g cellulose at 85% SSF conversion level, 7.3-day SSF.

These curves apply only when the balance of the base case process configuration and costs remain
constant. The optimum cellulase loading for the 72% conversion level is the same as for the base case,
The sensitivity analysis shows that higher cellulase loadings and higher SSF conversion levels decrease
the overall cost of ethanol substantially. Conversion levels higher than 85% were not examined because
it would have required changing the proportions -of cellulose -consumed in side reactions ‘in e SSF
system. It is interesting to note that the three optimum cellulase loadings occur at about a 7-day SSF
residence time.

Thus, for the process design described for the base case and within the levels of the regressed yield
data, the optimum cellulase loading is 11 TU/g of cellulose with a conversion time of 7.3 days and a yield
of 85% of theoretical However, the antimame calllase Aoading i samitive b avamges' it oder process
and economic assumptions. For example, if stainless steel fermentation vessels are required, then the
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optimum cellulase loading would be at higher levels than above because SSF costs would rise faster than
other costs would decrease. Any process changes that would decrease the cost of cellulase production
such as reducing fermentation air and/or chilled water requirements, or reducing chemical and nutrient
needs, would also shift the optimum cellulase loading levels to higher values.
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Figure 6-1. Ethanol cost as a function of SSF ethanol yield and cellulase loading
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Section 7.0
Sensitivity Analysis

This section describes the results of sensitivity analyses carried out on the unoptimized base case
design for the biomass-to-ethanol process described in Section 4.0. The purpose of these analyses is to
quantify the economic effect of changes in the overall design and various economic parameters and
assumptions used for the base case. For most cases, only one variable at a time is changed from the base
case. However, for some cases, several variables are changed simultaneously to show the compound effect
of multiple changes. The results of these analysis provide information for (1) prioritizing future R&D and
analysis activities to strengthen understanding of the base case process, (2) understanding the implications
of economic assumptions used in the base case, (3) prioritizing future R&D and analysis activities to
establish new technologies for improving the base case economics, and (4) prioritizing future R&D and
ATy dOEvies o Eeuhiers.  Tive resmls el siow: die anmpoung it G iy amans ans' insticae
what can ultimately be achieved in terms of production cost of ethanol,

A spieadiet AR A e SOF-srd Womnssfethareh Pash wis dowdeprd e el prefanm. some
of the sensitivity analyses. The model can calculate a complete process material balance, utility balances,
chemical requirement summaries, and an economic evaluation as a function of technical and economic
performance parameters and assumptions. Capital costs for modified designs are ratioed from the base
CASE CUSES AT 18 QORI oV aliaEaT pardia e ofF dhe msslal awning apmopiate canaaily fastars. A mae
complete description of this model is provided in Appendix D.

7.1 Analysis Relevant to Prioritizing R&D and Analysis Activities to Strengthen
Understanding of the Base Case Process

7.1.1 Milling Power

A biomass feedstock must be milled prior to pretreatment. The power required for milling is a
function of feedstock type, feedstock size, mill type, and final size requirement. For the base case, milling
power is approximately 128 hp-h/dry ton. This is based on 1-in. wood chips fed to a disk refiner and a
final size of less than 3/16 in. Power consumed io the milling qreratinn directly reduces the nower
available for sale. An analysis determined the effect of different milling power levels on the amount of
power available for sale and the resulting total cost of ethanol. For the base case, approximately 60 kW
are required Tor every ‘1 ‘np-n7ary ton ‘increase n miifiing power comsumpion. A FUVAIKWN, is s
equivalent to lost revenue of $19,200 per year for every 1 hp-h/dry ton increase. Figure 7-1 shows how
power to sales decreases and ethanol cost increases with increasing milling power requirements. The range
of milling power investigated is from 20 to 200 hp-l/dry ton. The low end of the range represents power
required to knife mill herbaceous crops while the high end corresponds to wood chips processed in disk
refiners with a small final particle size requirement.

Feedstock milling is the single most power-intensive operation in the base case design of the biomass-
to-ethanol process. More data are needed to determine the actual milling power expected for biomass
preparation. This information is important for evaluating feedstocks as well as milling equipment.

7.1.2 Increase Percent Solids from Neutralization
Mimmzing die adbion of watr @ ale Slbwabwir éont (T-295) ama’ diredy” imrearng e sobay
concentration would reduce the size of most of the downstream equipment in the plant. Twelve percent

sOi13s 15 s€leced ‘pecause Tt s ‘peireved Urd s Tunkerdion tudid 've puigred -win tuntih eCiadogy.
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However, if the maximum solids concentration is only 8%, the ethanol concentration out of SSF would
be 2.9% compared to 4.35% for the base case. The ethanol cost would rise to 136.9¢/gal, an increase of
15.2¢/gal compared to the base case. On the other hand, if the solids concentration is 15%, the ethanol
concentration from SSF would be 5.4% and the ethanol cost would drop to 115.5¢/gal, a decrease of
6.2¢/gal compared to the base case. If dilution water is added to SSF due to tolerance limits, at least part
of the advantage of higher solids concentration from neutralization would be eliminated. These effects
on the different solids concentrations are shown in Figure 7-2.

From this analysis, it is clear that minimizing water addition to the flash tank while maximizing solids
content is desirable as long as the material can be pumped. Experimental work is required to determine
the maximum solids concentration that can be pumped.

7.1.3 Nutrients for SSF and Xylose Fermentation

In the base case, all fermentations, except cellulase production, are assumed to require no additional
nutrients above what is contained in the recycled process water. If nutrients are required, they could add
significantly to the cost of ethanol. Appendix A-6 presents an example of potential nutrients required with
an associated cost of 35.2¢/gal of ethanol product (14.2¢/gal for SSF nutrients and 21.1¢/gal for xylose
fermentation nutrients). This would represent a 28% increase in ethanol cost to 156.9¢/gal.
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Figure 7-1. Ethanol price and power export to sales as a function of milling power
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Figure 7-2. Ethanol price as a function of solids concentration
allowing ethanol concentration to vary

7.1.4 Fermentation Stirring Power

Mixing power requirements in xylose fermentation and SSF are currently unknown. A level of
0.1 hp/1,000 gal is assumed for the base case. The current fermentation design scheme in both xylose
fermentation and SSF calls for a continuous flow through large fermenters arranged in series. It may be
that the flow of fluid through the vessels combined with CO, evolution during fermentation may result
in sufficient fluid mixing. However. if additional stirring is required. the power ingnuf necessary could
have a large impact on the overall plant power balance.

Mixing power for xylose fermentation and SSF, both main fermenters and seed fermenters, are varied
between 0.1 and 2.0 hp/1,000 gal.. Figure 7-3 shows how ethanol cost and power to sales vary as a
function of mixing power requirements. At a mixing power input of 0.7 hp/1,000 gal, there is no excess
power available for sale; at levels above this, additional power would have to be purchased or gencrated
on site. The ethanol cost curve shown in Figure 7-3 assumes that power can be sold or bought for
SO Tp xaaliy) dhe aast & parahase powar i prakahly dbahar dhar dhe price @ adilily wowl! gy
for power so that the slope of the ethanol cost curve might actually increase as mixing power rises above
the 0.7 hp/1,000 gal threshold.

AT GRS MmITuaT SUWTnE puwer requiramems’ O xyiluse fnmanaior o’ SSE I8 very
important for the optimization of the biomass-to-ethanol process. In the base case design, the total
fermenter volume in xylose fermentation and SSF is about 27 MM gal. An increase in stirring power of
0.1 hp/1,000 gal results in an increase in internal power consumption of 2,700 hp. With power at
$0.04/kWh, this is equivalent to lost revenue of about $644,000 per year for every 0.1 hp/1,000 gal
increase.
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Figure 7-3. Ethanol price and power export to sales as a function of fermenter stirring power

7.1.5 Process Water Recycle

A partial process water recycle is incorporated into the base case design where part of the process
water from the lignin centrifuge is recycled back to the front end of the plant as dilution water. This
decreases the size of the wastewater treatment system and makeup water requirements. It also has the
effect of returning unconverted xylose and nutrients back to the fermentations. Furthermore, water from
the centrifuge is at a temperature of 100°C and can be presumed to be sterile. Thus, use of this water in
tile process Wil mmimze imroahedivom o ousiuly miruoria’ COmAammitaion, - e g dvad anage 5 dha’
certain components of the feed and reaction by-products, which would normally stay in the liquid phase,
will accumulate to a higher concentration until what is entering or being produced in the process is offset
by losses in strcams to wastewater treatment and the boiler. Soluble solids and ash in the biomass feed
and reaction by-products such as glycerol fall into this category.

Sensitivity analysis indicates that if no water is recycled, and only fresh water is used, the cost of
ethanol would increase by 4.9¢/gal to 126.6¢/gal compared to the base case. The increase is due to a
3.4% drop in ethanol production from xylose, and incrcased capital costs in wastewater treatment and
steam and power production. Additional nutrient costs are not included. Increased revenues from
electricity sales from burning the extra xylose helps to offsetl to some extent some of the higher costs.
On the other hand, when all dilution water is provided by recycle watcr, the cost of ethanol drops by
3.7¢/gal to 118.0¢/gal compared to the base case. The ethanol production rate is 2.9% higher than that
of the basc case because of the availability of extra xylose. Capital costs for wastewalter treatment and
steam and power production, as well as electricity revenues, are all lower. These effects on ethanol cost
of the various recycle scenarios are shown in Figure 7-4. Experimental work is required to determine the
amount of recycle that can be employed withaut producing significant negative impact on the process,
particularly fermentations, and to determine if there is nutrient value to the recycle water.
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7.1.6 Materials of Construction

All fermentation vessels are assumed to be of carbon steel in the base case cost estimate. Experience
in the corn-to-ethanol industry has been primarily with stainless steel fermentation vessels. If stainless
steel equipment is required in xylose fermentation, cellulase production, and SSF, the fixed capital
investment would increcasc by as much as $28.2 MM with a resulting increase in ethanol cost of 13.1¢/gal
to 134.8¢/gal compared to the base case.

This cost for ethanol is determined by using an installation factor of 5.4 for all the equipment in
xylose fermentation, cellulase production, and SSF. This factor is arrived at by considering the increase
in purchase price for stainless steel equipment and the increased piping cost, which increases the direct
installed cost. Because contingencies and fees are determined from the direct installed cost, they also
increased for the stainless steel case. It is assumed that the cost for other factors—concrete, instruments,
electrical, insulation, paint, labor, indirects (freight, taxes, insurance, construction overhead, engineering
expenses), and auxiliary facilities—would be the same as the carbon steel case. The breakdown is shown
I Tudie 751, winet coneainy imOrmaaonr fonr Ohar (98, Tie imsvaadionr faoor (Or cadorr st ar
the table is 3.41, and since we used 2.85, a ratio converts the 6.66 factor of this table into the approximate
5.4 (3.41/2.85 x 6.54) factor we used.
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Figure 7-4. Ethanol price as a function of water recycle rate
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analysis is required t0§ determine whether carbon steel can in fact be used in SSF and other areas. Such
AT ATy 1Y siiom znkp“ ook fmr die pussiniliy” o asiing Giiar HW=Cost ImaTals suul a8 e,

7.1.7 Operatiolnal Reliability
| |

This analysis&‘showed the desirability of using low-cost materials of construction. A more detailed

\ |
Overall plant{reli#bility is usually measured as percent of annual onstream time. For the base case,
the onstream timq is 8,000 h/yr or 91.3%. Figure 7-5 shows cthanol cost as a function of onstream time.
At 85%, 7446 h/y}r, et}panol cost is 127.7¢/gal, while at 100%, 8760 h/yr, ethanol cost drops to 115.8¢/gal,
relative to the base dase cost of 121.7¢/gal. This sensitivity illustrates the importance of designing
reliability into thﬁF plant and striving toward 100% onstream time,

‘ Table 7-1. Purchased Equipment Installation Factor

i Carbon Steel Stainless Steel
Purd;haséd equipment (PE) 100.0 335.0
Piping ! 12.8 42.9
Concrete ‘ 8.6 8.6
Steel \ - -
Instruments 3.8 3.8
Eleqtrica_ 0.6 0.6
Insulation - -

_Paint 1.2 1.2
Total material 127.0 392.1
Labor (PE x 0.267) 26.7 26.7
Direct installed cost (DIC) 153.7 418.8
Indirects; (DIC x 0.26) 40.0 40.0
Total madule cost (TMC) 1936 458.8
Contingency (TMC x 0.15) 29.0 68.8
Fee (TMC x 0.03) 5.8 13.8
Aaxfikay iiliies (O x .13 26 RO

—

Grand Total 3414 654.4

| i
Vendor testing of llarge;scale equipment with materials actually used in the process, together with the
operation of a process development unit (PDU) of key unit operations, is necessary to achieve a realistic
understanding O;L the actyal reliability of the process. Eventually, opcration of an experimental

demonstration unit (EDU) is required to better establish reliability.

L
72 -fralysis-ol-Economic Assumplions-Yssd-in-the-Basc-Sase-Analysic

An installation factor of 2.85 is applied to all purchased equipment costs, except the boiler, to arrive
at the total fixed ﬁnvesﬁtmen‘t cost of the plant. Because the hoiler price used is an installed cost, it did not
require this facto#. Fifgure 7-6 shows ethanol cost as a function of the value of the installation factor. At
a factor of 2.5, ethanol cost is about 115.3¢/gal, while at a factor of 3.5, ethanol cost is 133.6¢/gal.
Overall installation factors for processing plants arc a function of many variables including size, materials
of‘construction, operating conditions, type 01" Process Controfr, ana'enviromenydr’ TEQITENTEMS, (ST
factors for petro&henﬁjcal plants and refineries typically are in the range of 2.5 to 5.0. An installation
factor in the low end!of this range for the biomass-to-ethanol process is rcasonable because the process

is simple, takes p;lace?at mild operating conditions, and should have minimal environmental constraints.
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. Figure 7-5. Ethanol cost as a function of onstream time

7.3 Analysis Relevant to Prioritizing R&D Activities to Establish New Technologies that
AR R IaNs R SRR T TR LT IREAMRID™

AP dvoresse Aiar o Anbse ComasioT it Ba‘ram'imn‘

Uliimg a'ne spredudiieey moats, 11 was abvernmieu’ gl 17Xy 1T (0 XyTost COTIVETSTUIT 1T predeaiimen 1§
increased from 80% to 90%, the cost of ethanol will drop by 3.5¢/gal from 121.7¢/gal to 118.2¢/gal (see
Figure, 7-7,. The remaining, yylan.is asvmmad convertad to, Gufural,, whichoaltimately, ends, un inthe flash,
vapor stream.

It is important to remember for this analysis, that the base case includes partial water recycle. Also
in the base case, it is assumed that 80% of the xylan remaining after pretreatment is converted to xylose
by xylanases present in SSF. As a result, some of the xylan unconverted in pretreatment is ultimately
converted to ethanol because xylose made in SSF from the xylan is recycled back to the front end of the
plant and eventually reaches the xylose conversion unit. Thus, improving xylan conversion in pretreatment
is most important when there is no process water recycle and least important at maximum process water
recycle. Thus, if experimental work indicates that maximum process water recycle is feasible, the
importance of increasing xylan to xylose yield may be minimal. On the other hand, if no recycle is
possible, the effect of increased xylan to xylose yield would be greater than the 3.5¢/gal indicated above.

7.3.2 Increase Xylose to Ethanol Conversion in Xylose Fermentation

In the base case, it was assumed that only 90% of the sugars (xylose and glucose) is available for
conversion to ethanol in xylose fermentation because all the sugars do not fully diffuse from the wood
particles during the course of the fermentation. Of the available sugars, 95% are converted to ethanol and
with 90% assumed to diffuse out of the wood, this gives an overall yield of 85.5% for the base case.
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Figure 7-6. Ethanol cost as a function of the installation factor
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Figure 7-7.  Ethanol price for changes in xylan to xylose, xylose to ethanol, and
cellulose to ethanol conversion levels .
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Using the spreadsheet model, it was determined that if 100% of the sugars are available and with 95%
conversion to ethanol, the ethanol cost would drop by about 2.4¢/gal to 119.4¢/gal (see Figure 7-7). The
drop is due to a 2.2% increase in ethanol production from the extra available xylose. Capital cost
decreases caused by smaller boiler and turbogenerator are offset by reduced revenues from electricity sales.

7.3.3 Increase Cellulose to Ethanol Conversion in SSF

Using the spreadsheet model, it was determined that increasing conversion of cellulose to ethanol in
SSF from the base case value of 72% to 90%, while keeping cellulase loading and residence time the same
as in the base case, would result in a 15.0¢/gal drop in ethanol cost to 106.7¢/gal. However, at this
increased conversion and with no dilution water added to SSF, the concentration of ethanol in the stream
from SSF is 5.04 wt %, which is greater than the ethanol tolerance limit of 4.5 wt % that is used in the
base case. When dilution water is added to keep the ethanol concentration at the base case tolerance limit,
the cost of ethanol would be 109.4¢/gal, a decrease of 12.3¢/gal from the base case (see Figure 7-7). The
cost increase that results from addition of dilution water is due to a lower ethanol production rate as well
as increased capital costs for SSF, ethanol recovery, wastewater treatment, and lower revenues from power
sales. Lower ethanol production results from higher substrate losses to the boiler and wastewater treatment
because of the additional water required for dilution while maintaining a constant process water recycle
rate.

7.3.4 Reduce Fermentation Times

Using the spreadsheet model, the effect of decreased fermentation times for xylose fermentation, SSF,
and cellulase production on the price of ethanol was investigated. Figure 7-8 shows how ethanol cost
decreases from the base case value as fermentation time decreases for xylose fermentation, SSF, and
cellulase production. All other variables are the same as the base case.

Decreasing xylose fermentation time from the base case value of 2 days to 1 day will decrease ethanol
cost by 1.3¢/gal to 120.4¢/gal. This decrease is due to lower capital costs and stirring power requirements
in the xylose fermentation area.

SSF fermentation time for the basc case is 7 days. Ethanol costs drops by 2.7, 4.7, and 6.7¢/gal for
SSF fermentation times of 5, 3.5, and 2 days, respectively. As with xylose fermentation, decreasing
ethanol costs are due to lower capital investment and stirring power requirements. Cost savings are
substantial because SSF fermentation accounts for about 19.8% of the purchased equipment cost
(excluding boiler) in the base case plant, compared with 5.8% for xylose fermentation and 2.6% for
cellulase production.

Cellulase production is a batch process with a total cycle time of 6 days in the base case design. If
cyale sime ds rastanst &0 4 sleys eadt 2 dleyrs, ashanal cast sl By OF and! LR sal, resiraasaly e ot
reduction is relatively small because only a small slipstream of the neutralized hydrolyzate is used as the
feed to cellulase production.

oS Ehmitale Aylose amd’ $85F Seed’ Fenimaraiiors

It is assumed that all the seed fermentations, xylose, SSF, and cellulase, are aerobic. This is an
important assumption because the fermentation air compressor and the required chilled-water capacity
account for about 4.5% of the total fixed capital investment and more than 20% of the internal power
demand. Growing the E. coli inoculum for the xylose fermentation consumes more than 4% of the
hydrolyzed biomass as well as a large quantity of fermentation air. Dilution water is also added to the
xylose seed fermenters to reduce the glucose plus xylose concentration in the feed to the seed fermenters
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to 2 wt % and to get to an inoculum level of 10%. The elimination of the seed fermenters reduces the
total volumes required for xylose fermentation and SSF and the ethanol production rate is increased by
more than 2.5%, resulting in ethanol cost falling 5.5¢/gal to 116.2¢/gal (see Figure 7-9). The intent of
this sensitivity analysis is to show the maximum incentive for modifying the overall process such that
separate xylose seed fermentation is no longer required. For example, an E. coli reycle system will result
in additional capital and operating cost. If the new system added more than 5.5¢/gal to the cost of
ethanol, then the process modification would not be made.

Eliminating SSF seed fermentation could potentially reduce the cost of ethanol by about 7.0¢/gal to
114.7¢/gal (see Figure 7-9). Ethanol production increases by just over 2%, and capital cost drops by
almost 5%. The drop in capital is because elimination of the seed fermentation equipment and reduction
in size of the fermentation air system. In addition, revenues from electricity sales are increased because
of lower internal power demand, caused by elimination of agitators and reduction in fermentation air
capacity. As with the analysis for eliminating xylose seed fermentation, the intent of this analysis is to
show the maximum incentive for modifying the process to eliminate SSF seed fermentation.

7.3.6 Eliminate Cellulase Production

This sensitivity analysis is to provide information for a make or buy decision concerning cellulase
enzyme. The information is also relevant to determining if cellulase recycling is important. Cellulase
production requires about 2% of the hydrolyzate. Eliminating cellulase production will reduce ethanol cost
by about 7.5¢/gal to 114.2¢/gal (see Figure 7-9). The cost decrease is due to an increase in cthanol
production of 2.3% and a reduction in fixed capital costs of 3.7%. An enzyme producer would have to
provide cellalase at less than 7.5¢/gal of ethanol product for it to make economic sense to purchase rather
than make enzyme.

74 Analysis Relevant to Prioritizing Future R&D and Analysis Activities Related to
Feedstock Production

7.4.1 Plant Size

The optimum size for a biomass-to-ethanol plant is determined by the tradeoff of the economies of
scale for the central processing facility versus transportation costs for the biomass feedstock. For this
evaluation, the base case plant with a biomass processing capacity of 1,920 dry tons/day is compared to
2 larger nlant with 2 cgnacity af 10000 dry tansldey  The canacity diffaranse s @ fatar of aboer £2.
For both cases, biomass feedstock transportation costs are estimated. Capital and operating costs for the
e Pt e stded vm e ek et e ‘wfed wos Ui wlieach s ten vdodnied o SeeTing - wikre
the optimum plant size may be relative to the two sizes evaluated.

As plant size increases, biomass must be collected from larger areas. If it is assumed that the
collection area is circular with the plant at the center, the amount of biomass collected can be determined
by the following formula:

Biomass = ® x r? x Productivity x 640

where
biomass = total biomass collected in dry tons/yr
r = collection radius in miles
productivity = biomass produced in dry tons/acre-yr
640 = the conversion factor for acres to square miles.
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If a mean annual productivity of 5 dry tons/acre-yr is achieved for the energy crop supplying biomass,
the collection radii for the base case and large plant are about 8.4 mi and 19.1 mi, respectively. DOE
researsh op shat-mtatiae woady enengy crgns and herhaceous energy srgns has already reached
productivities at this level. The goal for the Short Rotation Woody Crop Program (SRWC) is
10 dry tons/acre-yr. As productivity increases, the collection radius becomes smaller, and the difference

between the collectibn radii of the base case plant and large plant also gets smaller.

Efficient long distance transportation is important when using energy crops for ethanol production.
The most important]| variable associated with hauling costs is hauling distance. Distance takes on extra
importance since the material is of low value and low density. Although hauling costs increase with
distance, the hauling‘ cost rate (expressed in $/ton-mi) decreases. At shoricr distances, a higher percentage
of the time is spent in the loading and unloading tasks. Figure 7-10 shows hauling rates for wood chips
as a function of one{way travel distance. For this analysis, it is assumed that the average hauling distance
ijs equal to the collection radius. Using large chip vans, hauling cost for the base case collection radius
will be about $O.45,Tdry ton-mi or $3.78/dry ton. For the large plant, the hauling costs would be about
$0.30/dry ton-mi or $5.73/dry ton. The hauling cost will therefore be only about $1.95/ton higher for the
large plant than the base case plant.

. In scaling up fqum the base case to the larger plant, it is assumed that no economies of scale existed
for the capital equipment in the following areas: wood handling, prehydrolysis, xylose fermentation,
cellulase production, SSF, and off-site tankage. This is a conservative assumption, because it is expected
that there will be some economies of scale as we develop an understanding of how best to scale up this
¢quipment. The only plant areas that are assumed to have economies of scale are ethanol recovery, the
environmental systems, and all equipment in the utility area. The equipment and processes in these areas
:jire known to exhibit economies of scale. They come from existing technology in the chemical, waste

treatment, and public utility industries.
. Intermsof oper#lting costs, it is assumed that operating labor and supervision for the large plant would
e 2.5 times that for the base casc. Other fixed operating costs, such as maintenance, overhead, insurance,
and taxes are estimated as a proportion of capital investment and/or labor. The same factors are used in
each case. Feedstock cost is assumed to be $42/dry ton for the base case plant and $44/dry ton for the
1‘arge plant. The ext‘[ra $2/dry ton takes into account the increased hauling distance as described previously.

The informatiod in Table 7-2 summarizes the capital and operating costs of the two plants.
|
Table 7-2. Cost Summary of Base Case and Larger Capacity Biomass-to-Ethanol Plants

Base Case Large Plant
Feedstock rate (dry ton/days) 1,920 10,000
Feedstock rate| (dry ton/yr) 700,800 3,650,000
‘ Ethanol product rate (MM gal/yr) 58.5 305
' Total capital investment (MM $) 141 606
} TCVannual gallon ($/gal/yr) 2.41 1.99
| Gross COP (MM $/yr) 46.7 233.6
| Gross COP (¢/gal) 79.8 76.6
Bysnracluer aredits (S50 Sy J7 195
By-product credits (¢/gal) 6.4 6.4
Annual cap. charge (MM $/yr) 28.2 121.3
Annal.can. charne (¢/nal), 48.3. 39.8.
Total ethanol cost (¢/gal) 121.7 110.0
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Figure 7-10. Hauling cost for wood chips as a function of one-way travel distance

From this analysis, it is evident that increased transportation costs associated with a plant size of up
to 10,000 dry ton/day are more than offset by the processing plant economies of scale, resulting in
significantly tower total ethanol product cost for the large plant size.

Additional analyses should be conducted in the future to identify optimum plant size as a function of
biomass productivity, hauling costs, and plant economies of scale. For now it is important to recognize
that transportation costs will not necessarily limit biomass-to-ethanol plants to small scales.

7.4.2 Feedstock Composition

The composition of the feedstock is a major variable in the analysis of the biomass-to-ethanol process.
The composition used in the base case, 70.2% total carbohydrate (dry basis), is consistent with the
composition of currently available hardwoods. Two sensitivity analyses are conducted at higher
carbohydrate concentrations. Water in the feed is assumed to be constant at 50%, but cellulose and xylose
are increased by 10%, to 77.22% total carbohydrate (dry basis), in the first case; and 20%, to 84.24% total
carbohydrate, in the second case. The ratio of cellulose (o xylose is maintained constant. Solublc solids,
ash, and lignin concentrations are decreased but kept in the same relative proportions. Figure 7-11 shows
how ethanol cost and exported power vary as a function of carbohydrate content. Exporled power is
important because lignin in the feed is the main fuel source for providing the internal heat and power
requirements of the plant. As carbohydrate content increases, less lignin is available for fuel. At a
catalydlate cantant o aboat 82,59, dhare iy answglh el dr dhe dismie wasle and Byoprssbict sraamys @
satisfy the internal energy demand. If one goal of the process design is to require no power or fuel from
outside sources, then the incentive to find higher carbohydrate feedstocks is limited by the overall energy
‘pdrance. th aldiffion, @ mgner ta'vdnylrde Tonversion vers, LTS oL TRTESSUry 0 rdve suen g
carbohydrate concentrations in the feed to maintain the overall energy balance. It is also important to
recognize that as the carbohydrate in the feed increases, ethanol concentration in the product also incrcases
to levels above the current limit of ethanol tolerance of 4.5%. If dilution water is required to maintain
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‘the ethanol concentratlon below the tolerance limit, the positive effects of the higher carbohydrate
feedstogk would be diminished.

17.4.3 Feedstack' Cost
;

Wopd feed tock cost is the largest variable cost of production in the process. In the base case, for
}wood at $42/dry ton, feedstock cost amounts to 45.9¢/gal out of a total cost of 121.7¢/gal. Figure 7-12
sh()ws ethanol cpst as a function of dry wood cost. The range presented shows ethanol at 103.0¢/gal with
wood ai ‘525/dry‘r ton up to 136. O¢/ga1 with wood at $55/dry ton.

;‘."..F- c.?wmvrd Effacts of Process lmoroyamants

| Thj] previou‘s results show the effects of improvements in certain process parameters and assumptions
‘when all other [factors are held at the base case values. Individually, certain factors can produce a
significant decrease in ethanol cost (e.g., SSF conversion and fermentation time). In this analysis, all these
factors are combined to produce a best case estimate of the cost of ethanol production.

All 0th¢r assumptions for this case are the same as the base case design.

1 ‘ Ass‘uming that the process goals can be met, the spreadsheet model gives an ethanol price of 66.5¢/gal.
|
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Figure§7-11. fEthanoI price and power export to sales as a function of feedstock carbohydrate
1 ‘content (cellulose and xylan)
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Figure 7-12. Ethanol price as a function of wood cost

The parameters and assumptions changed for this analysis along with base case values are shown in
Tahle 13 These imparoraments awe gowprad i siee cattganias: (1) sahaabgy dopmrsvements saub o
yields and productivities, (2) feedstock production improvements, and (3) more optimistic economic and
UIRTLE WSSUTHPIULS. ‘

Table 7-3. Process Parameters and Assumptions for Base Case and Future Goals

Base Case Goal
Technology Improvements
Cellulose to ethanol yield (%) 72 90
Xylose to ethanol yield (%) 85.5 95
Xylan to xylose yield (%) 80 90
SSF fermentation time (d) 7 3
Xylose fermentation time (d) 2 1
Ethanol concentration in SSF (%) 435 6.6
Ethanol recovery (%) 97.0 99.8
Cellulase loading (1U/g) 7 3
SSF and xylose seed fermentations YES NO
Feedstock Production Improvements
Feedstock cost ($/dry ton) ‘ 42.0 34.0
Feedstock carbohydrate content (%) 70.2 77.2
Economic and Operating Assumptions
Onstream time (%) 91.3 98.0
Electricity selling price (¢/kWh) 40 6.0
Water recycle Partial Maximum
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Section 8.0

Conclusions

The economic analysis of the base case biomass-to-ethanol plant gave a cost for ethanol of 121.7¢/gal
in 1990 dollars. This number is based on the cost of the equipment shown on the process flow diagrams
and in the equipment list of Sections 4.3 and 4.5, respectively, with a capital recovery factor of 20%.
Operating costs were generated from the material balance shown on the process flow diagrams and current
costs for chemicals and utilities. Then major process variables were varied to determine their effect on
the cost of ethanol. This identifies research areas that will have the greatest impact on the cost of ethanol.

Based on the sensitivity analysis presented in Section 7.0, Table 8-1 shows the effect of the various
process variables on the cost of ethanol. From this table, it is easy to see which variables have the most
sionificant pasitive ar negative imnact an ethanal cast The tahle reflects only the change in ethanol cost
when the given variable is varied from its base case value, while all other variables remain at their base
case values. In general, the greater the impact on the process, the higher the priority should be for
research on that item. However, to meet the ambitious price goal set for the biomass-to-ethanol program,
any variable that decreases the cost by 1.0% or greater should be studied.

In feedstock handling, the base case value of 128 hp-h/dry ton is probably the minimum for reducing
wood chips to 3/16-in. particles. If smaller particles are required, the increased power requirement
(200 hp-h/dry ton) could substantially increase ethanol cost. However, herbaceous and agricultural
residues have lower power requirements (approximately 20 hp-h/dry ton, Himmel et al. 1986) that could
reduce ethanol cost. Different mills may be required for the different feedstocks, which would change
capitai cosi, bui this ‘wus not considered in the -above -anatysis.

In the area of pretreatment, increasing the xylan to xylose yield to 90% will significantly decrease the
cost o' ethanor. Fowever, tie 1mpact Or Imeredsiny aie yiery’ wit' de fessemad’ Oy Amreasing are amom’
of recycle water, because xylose produced from the unhydrolyzed xylan during SSF is returned to xylose
fermentation. The current 80% yield has been obtained in the laboratory (Torget et al. 1988); therefore,
research in this area needs to focus on increasing the yield. It will also be necessary to verify the current
and future yields on a larger scale apparatus.

‘The solids concentration in the neutralization vessel is assumed to be 12% for 3/16-in. particles. As
the 'sensitivity analysis shows, a change in solids concentration has a large impact on ethanol cost. The
solids concentration is set at a level that results in a slurry that can be handled by downstream processes,
This is dependent on particle size; smaller particles are easier to pump and mix than larger particles.
Thus, there is a tradeoff between power required for size reduction and handling characteristics of the
slurry. It may be necessary to decrease the particle size (i.e., increase milling power) to increase the solids
concentration, thus improving the handling characteristics of the slurry.
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Table 8-1. Effect of Various Process Variables on Ethanol Cost

Variable

Change in Variable

% Change in
Ethanal. Cash.

Feedstack Handling

Milling power 128 to 200 hp-hvdry ton +2.3
128 to 20 hp-h/dry ton -3.2
Pretreatment
Xylan to xylose conversion 80% to 90% -2.9
Neutralization
Solids concentration 12% to 15% -5.1
12% to 8% +125
Xylose Fermentation
Xylose to ethanol conversion 85.5% to 95% -2.9
Fermentation time 2 days to 1 day -1.1
Nutrients none to Appendix C-6 data +17.3
Seed fermentation to none required -4.5
Stirring power 0.1 to 2.0 hp/1,000 gal +3.8
Materials of construction CSto SS +2.4
Cellulase Production to none required -6.2
Fermentation time 6 days to 4 days -0.5
6 days to 2 days -1.1
SSF
Fermentation time 7 days to 5 days 2.2
7 days to 3.5 days -3.9
7 days to 2 days 5.5
Nutrients none to Appendix C-6 data +11.5
Ethanol yield 72% to 90% -12.3
Ethanol tolerance (at 90% vyield) unlimited to 4.5% +10.1
Materials of construction CS to SS +8.4
Stirring power 0.1 to 2.0 hp/1,000 gal +13.3
Seed fermentation to none required -5.8
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Table 8-1. Eﬂe&:t of ;Various Process Variables on Ethanol Costs (Concluded)
|

Variable

Change in Variable % Change in
Ethanol Cost

QOther Factors

Water recycle ‘ Base value to maximum -3.0
Base value to none +4.0
Plant size I 1,920 to 10,000 tons/day -9.6
Onstream time ‘ 91.3% to 85% +4.9
‘ 91.3% to 100% -4.8
Wood cost ‘ $42 to $55/dry ton +11.8
$42 to $25/dry ton -15.4
Wood composition 10% increase in carbohydrates -7.5
‘ 20% increase in carbohydrates -13.9

SSF/cellulase optimization 6.85 IU/g (72% yield) to
‘ 11.0 1U/g (85% yield) 5.8

In xylose conversion, the single most important factor is nutrient cost. Using the media specified in
Appendix C-6 will increase the cost of ethanol by 17.3%. Defining an alternative and/or minimal media,
also considering the nutritive value of the recycle stream, is extremely important. The elimination of seed
fermentations and increasing the xylose to ethanol yield both significantly decrease the cost of ethanol.
The cost of ethanol will increase if the current assumptions for stirring power (0.1 hp/1,000 gal) and
carbon steel for the fermentation tanks are not met. The least important item is decreasing the
fermentation rate from 2 days to 1 day, because xylose fermentation tankage is a small part of the overall
cost of the plant.

A significant cost reduction is possible if cellulase production could be eliminated or reduced by either
cellulase recycle and/or increasing the activity of the enzyme. This is possible because the cellulose used
for cellulase production could then be used for cthanol production. Reduction of fermentation times has
little effect because again fermentation tankage is a small part of the overall cost of the plant.

In SSF, there are four variables that have a large influence (greater than 10%) on the cost of ethanol.
Both nutrient addition and stirring power have a large effect because of the large SSF fermentation volume
that is treated or mixed. An increase in ethanol yield can significantly reduce ethanol cost but only if
ethanol tolerance is increased. Otherwise, additional volume is required to dilutc the ethanol to 4.5%,
offsetting the increased revenue from the extra ethanol. All the remaining factors are also important, but
to a lesser extent. A 8.4% increasc in ethanol cost would result if carbon steel or some other low-cost
material could not be used for the fermenters. Combined with the material of construction for the xylose
fermenter, this factor could account for a 10.6% increase in the cost of ethanol. Again, because of the
large fermentation volume in SSF, decreasing the fermentation time or eliminating or reducing seed
fermentations could significantly reduce the cost of ethanol.

Other factors having a significant impact on ethanol cost are wood composition and cost. Increasing
wood cost to $55/dry ton increases ethanol cost by 11.8%, while a wood cost of $25/dry ton reduces cost
by 15.4%. Increasing the carbohydrate content of the wood increases ethanol production and lowers cost,
if ethanol tolerance is not limiting as previously discussed. Increasing plant size will also significantly
decrease cthanol cost (9.6%), and since this is a conservative estimate, the cost reduction may even be
more, as discussed in Section 7.4.1. Deviation of the water recycle rate from the base case value effects
ethanol cost because of the cost for makeup water and the xylose lost in the unrcturned stream.
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Significant cost réducnons can also be achlqved by striving for the highest onstream time or rehabxhty
Fina lly, an analy$1s of the regression equambns for SSF ethanol yield versus cellulase loading mdxcates
thatia reductmn in éthanol cost is achieved py operating at a higher cellulase loading, thus generating a
hjgr er ethanol ym:ld Again, this assumes that ethanol tolerance is not a problem.

An'analysis was conducted in which pnocess variables are simultaneously varied to determine the
compound effect of ‘many process 1mpr0vem¢ntb The results, shown in Section 7.5, gave an ethanol cost
of 66. S¢/gal. This shows the potential cost of ethanol if all the 1mpn‘0vements can be made. However,
this is not an inclusive list. There is room for improvements in other areas that may reduce the cost even
more or offset some of the more optimistic éssumphons made in the current list. Furthermore, changes
in the technology resulting in new designs and processes may reduce the cost of ethanol from biomass
even further.

Lo
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Section 9.0

Recommendations for Future Work

9.1 Work to Strengthen Understanding of the Base Case Process
9.1.1 In-house Integration Research

There is a lack of adequate information on the performance of each processing step using hydrolyzates
and material produced from the previous steps. Previous work has not used hydrolyzates that have been
systematically carried through the steps of xylose fermentation, cellulase production, and SSF. The
experimental data used in this study were not obtained under the actual conditions of the process. Thus,
the primary goal of integration research is to verify performance parameters such as yield and reaction
rates, using the substrates and operating conditions described in the base case analysis. The following is
a list of work and questions identified in this study that need to be answered by the integration effort.

9.1.1.1 Yields and Rates. Ethanol yields and rates for SSF, xylose fermentation, and cellulase production
‘must be obtained for substrates described in the hase case. Thus. pretreated high-solids hvdrolvzates must
be generated and carried sequentially through the steps of neutralization, xylose fermentation, cellulase
production, and SSF| This work must consider the effect of fermenting a stream that contains gypsum,
xylose, lignocellulosic particles, other potentially toxic by-products from prehydrolysis, and, in the case
of SSF, microorganisms and fermentation products from the previous fermentation.

9.1.1.2 Seed Cultures. The growth of seed cultures on hydrolyzates to adequate cell concentrations must
be verified and measured and shown not to affect ethanol production in both xylose fermentation and SSF.
In particular, the growth of yeast culture for SSF on cellulose being simultaneouslyfhydrolyzed to glucose
must be tested, and cell concentrations and growth rates must be measured and optimized for SSF.
Additionally, seed culture growth of T. ressei on hydrolyzate also needs to be tested and shown to not
affect cellulase production,

9.1.1.3 Nutrients. SSF and xylose fermentation are assumed to require no supplemental nutricnts above
what is contained in|the recycled water. However, as shown in Appendix A-6, if nutrients are required
they will contribute significantly to the cost of ethanol. Although nutrients might not be required at the
levels used in experimental work from which yield and performance data is taken, some supplemental
nutrients might still| be needed even with the use of recycled water.  This supplemental nutrient
requirement must be determined for both seed culture growth and the anaerobic fermentations, as they may
be different.

L L4 Base and Andifsan Cowsampdiiar  Alfhvugh hese asgee A9 o acaaradaly’ dmowir G callulese
nroduction,, it is 2. small. fraction. of the cnst. (24%),. The maiprify of the base cost. is for xylose
frmeamaion. 1T e avage (¥ aatnmrimad’ (foir expanmemd’ alidg, dar O pares Xy1iose sutladiony wiidy
a complex media. The actual base usage is needed for xylose fermentation of prehydrolyzed material with
a minimal media.

Although antifoam cost is not significant, it is not known that corn oil will be a suitable foam
sunnressant. This faes sbould he verified or a snitahle low-cost alternative should be found

levels are unknown for this process. This study assumed cell yields of 0.5 g cells/g substrate; however,
it is important to determine the actual values because this represents substrate that could be converted to

9.1.1.5 Material Balance Closure. Cell yield coelficients (g cells/g substrate) and opfimum inoculum
ethanol. Likewise, the inoculum procedure and volumes followed current experimental practice that may
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not be the optimum for the process. Seed growth rates and cell concentrations need to be determined for
optimum ¢thanol production.

Along with ethanol yields, it is necessary to determine other by-product yields. Glycerol,
acetaldehyde, and fusel oils are produced during yeast fermentations, but these have never been quantified
for SSF. 'Products such as xylitol, glycerol, and xylulose have been measured for the E. coli xylose
fermentations, but not on hydrolyzates with minimal media. More accurate and detailed product
information is necessary to complete overall material balances for the process.

Accurate information is needed on vent gas composition for both xylose fermentation and SSF. This
is necessary so that an optimized ethanol recovery system can be designed.

9.1.1.6 Process Water Recycle Stream. The process uses a liquid recycle stream from the lignin
centrifuge to both downsize the waste treatment system and return nutrients back to the fermentations.
However, this also returns to the process by-products that may build up to inhibitory levels. Once ethanol
yields have been determined without recycle, the effect of liquid recycle on the fermentations can be
investigated.

9.1.2 Subcontracted Equipment Testing Program

Some of the assumptions made in this study can only be answered by vendor equipment testing.
Critical equipment issues and concerns follow. |

9.1.2.1 Milling. Little test data are available on the power requirements or chip characteristics produced
by a disk refiner or other milling devices. Disk refining produces a chip that is more elongated than a
Ay provbad' &y & o mil, witial mrdy” dhar dystolyze &f ¢ diffran ik ThRe powar raquiamans
used in this study was an estimate from the manyfacturer (ABB Sprout-Bauer 1990). Testing is required
to determined the exact power requirements for a variety of mill types and the performance of milled
matesial. during nrehydralysis and SSE., and. to determine their handling, characteristics .

S10.2.2 Fraydrolysiy, e dimpregmadior ang’ praby sloly sis resaors ir dlie dase case are combimvay, poajs
digesters manufactured by Black and Clawson, Inc. Although pulp digestion is similar to the
prehiydrolysis step; the performance of this cquipment with the conditions used in this study still needs
to be verified. In particular, it must be shown that chips can be fully impregnated with acid in 10 min
and that xylose yields obtained on the bench scale can be achieved by the large-scale equipment.

9.1.2.3 Solids Concentration, This study assumed fhat fhe sofids concentrafion of the prehydrolyzed
sturry pumped from the bottom of the blowdown tank is 12%. This assumption is critical for sizing of
all downstream fermenters and could significantly increase or decrease the capital cost and power
requirement for xylose fermentation, SSF, and ethanol purification. The actual solids concentration that
could be pumped needs to be determined.

9124 Mixino Power for Xylase Conrersiar and S8SF Mirine noyer requirements far hath aarahic
and anaerobic fermentations are reapired in xylose fermentation and SSF. This is particularly important
in SSF where approximately 10% of the total plant power use is required for mixing in the fermenters.
Some mixing is needed to promote transport of glucose away from the cellulose particles (Elander 1988),
thus maintaining hydrolysis rates. However, the power requirements are unknown (0.1 hp/1,000 gal is
assumed in this study). Because the current design is based on continuous flow through the fermenters,
no mixing may be required, or more mixing may be required because of the necessity for transport and
suspension of the solids. Large-scale vendor testing and advice is required to gain a better understanding
of this issue. :
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requirements are also needcd for cellulase production and seed growth in xylose fermentation and SSF.

Each area is a major consumer of compressed air, but SSF is the largest user because of the large seed
fenﬁcnte“ volumes. The air compressors are the major power user in the utilities section of the plant;
therefore, it is important to quantity the fermenter air requirements. Oxygen uptake requirements as a
funftion f time are needed for all four seed cultures (7. reesei, E. coli, S. cerevisiae, and B. clausenir)
and in the cellulase production fermenter. In this study, assumptions were made for aeration requirements.
Large-sc e vendor testing and advice is needed to gain a better understanding of these issues.

5. 1{.5 i'ﬂﬁ‘lm Power and Aarainr o Aarohic Faiman'adions.  Alang with miving powan, aanatioe

L L2E Famandasior Hend  Hear of amanatior date ds sapiwd fr all sheee amaie fanmantations
Incrudiing) seedi cufure growin, 'in ‘s swdy, meclovne men produttion vy T, reestd s st vh

wrﬂclaﬂ%n with oxygen uptake but oxygen uptake is not accurately known and the correlation may not
be iphd ble to fungi systems. For xylose fermentatxon and SSF, metabohc heat production is assumed

‘ t because the primary cooling loads for the entire plant are from removal of heat from the
ferrtent%s Vendor testmg in Sections 9.1.2.4 and 9.1.2.6 will provide data to make better heat balance
calculations

9.1.2.7 Distillation Column. The technology for ethanol distillation at high concentrations (4%-10%)
is well developed and thus does not require any research work. However, in this study, the column is

assumed|to be capable of ha@dling a particulate slurry. This operation is common for the corn-to-ethanol
industry | where the dilute ethanol stream contains residual fibers and protein from the corn kernels.
Testing is required of an appropriate column to verify operation with lignocellulosic particles at the

expected [solid concentrations.
\

9.1.2.8 Lignin Separation. The bottom product from the distillation column contains lignin particles,
unreacted cellulose and xylan, and cells that must be separated from the liquid and sent to the boiler.
Vendor testing is required to determine the best method of separating this material and obtaining data on
solid concentration and percént recovery of the dewatered material.

| :
9.1.2.9 Boiler. The operation of the boiler and drying system must be assessed on actual feed material,
particularly with regard to operation in the presence of gypsum. It is assumed that gypsum would not
pos? a problem for the boiler, so a gypsum scparation system is not included in this study.

9.1.&.10 Heat Exchange Equipment Testing. Because of the high solids content of many of the streams
that pass through heat exchangers, it is important to determine the best type of exchanger for each service.
Vendor festing can provide much of the information required.

9.1.1&11 }Waste Treatment.' In this study, the waste treatment system consisted of an anaerobic digestion
process followed by aerobic polishing as designed by Badger Engineers, Inc. (1984) for a biomass-to-
ethanol plant using dilute sulfuric acid hydrolysis. The enzymatic process will produce a different waste
stream that may not require such an extensive waste treatment system. A representalive waste stream is
requlred that could be tested to determine the best waste treatment system.

9.1 | 3 Schontracted WOrk to Commercial Engineering Company

‘In thjs study, carbon steel has been assumed to be adequate for most of the equipment needs, except
in areas that have an obvious need for special alloys (e.g., pretreatment). The biggest assumption in this
regard 1$‘ the use of carbon steel fermenters in both xylose fermentation and SSF. Although current
Anslasiy mpm fanae is wiikh séatbalass steal Lmmantass, dhawe are.Lw date g dhe penfanmance af cadhae steel
or alternative materials with aerobic or anaerobic fermentations. The assumption of a low-cost material
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for the SSF fermenters is important because of the large fermentation capacity necessitated by the long
fermentation time (7 days). It is necessary to get advice on materials of construction issues from a
commercial engingering company. ‘

9.1.4 In-house Pilot Plant Operations

Many issues surrounding the continuous long-term operation of an integrated large-scale base case
process can only be answered by conducting pilot scale operations. Foremost among these will be
demonstrating and verifying repeatable process performance on a large scale. Also, information on plant
and equipment reliability, availability, and maintainability (RAM) on a long-term continuous service basis
must be obtained from pilot operations. Enough data must be obtained to allow accurate and reliable
design of a demonstration commercial plant.

Some of the specific issues that will be addressed with a pilot operation are given below:
» Large-scale pretreatment performance over an extended operating time

» Large-scale fermenter performance over an extended operating time. This includes yields, rates,
mixing power, aeration rates, fermenter heat duties, etc.

» Equipment performance over an extended period of time

» Possible gypsum plating on critical process equipment. Gypsum is produced during neutralization
of the sulfuric acid. Because the amount produced is greater than the saturation concentration, it is
carried along in the process in both the soluble and insoluble forms. This is not expected to be a
problem for most of the process because the gypsum is produced at 100°C and has increasing
solubility with decreasing temperature. However, in the beer column reboiler, the solution is again
heated to slightly greater than 100°C, which may cause precipitation and plating out of the gypsum.
The plating of gypsum needs to be considered for the entire process, but especially in the beer
column reboiler.

» Effect of recycled process water on long-term performance of system
» Material of construction issues as already noted in Section 9.1.3
» Large-scale process controllability verified

* A CIP/CS system gnpronriate for this process defermined. Although a CIP/CS system is included
in the current study, the exact requirements for such a system are unknown. Operating experience
with. pilot. scale equinment. will. determine the requirements. for this system..

» Large-scale safety of operations verified.
IL Wk ® TRRRp TR TRUTNIRYGRS Wi TIpioving TR Tase Tt FPioeess

Efforts in basic research and development should include working toward yield improvements, higher
productivities, improved organisms, and new process designs. Material balance closure needs to be:a
priority for the experiments carried out in basic research. A list of key issues for basic research is givén
below in approximate order of priority: |
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1. Increase SSF yields to 90% without significantly decreasing other base case yields or increasing
base case plant capital and operating costs.

2.  Decrease SSF fermentation time to 3 days while keeping SSF yields at 90% and without
significantly decreasing other base case yields or increasing base case plant capital and operating
COSts.

3. Decrease the amount of substrate for SSF and xylose seed fermenters without decreasing base case
yields for SSF, xylose fermentations, or cellulase production, and without increasing base case
capital and operating costs.

4. Decrease the amount of substrate to cellulase production without decreasing base case yields for
SSF or xylose fermentation and without increasing base case capital and operating costs. Making
cellulase from biomass feedstocks results in ethanol yield losses and capital expenditures that rise
with increasing enzyme loadings to SSF. It is important to remember that support utilities such
as fermentation air and chilled water must be included in the total cost. Enzymes with higher
SPECITIC 4CUVITY 01 4 Mgy (U IECYUIE enZymes coutd’ oring abwir e cust oi calimases prodations
substantially.

5. Decrease use of power for milling without decreasing base case plant yields or increasing plant
capital and operating costs.

6. Decrease the use of aeration to cellulase production and xylose and SSF seed fermenters without
decreasing the base case plant yield or increasing base case plant capital or operating costs.

7. Minimize use of chilled water to cellulase production unit and vent gas condensers without
decreasing base case plant yields or increasing base case capital and operating costs.

8. Improve ability to run all operations at a high solids content without jeopardizing base case yicld
and capital and operating costs.

9. Improve the ethanol tolerance of the microorganisms so that high solids operations can be
achieved. Several of the sensitivity analyses in Section 7.0 of this report pointed out the
importance of improving the ethanol tolerance of the SSF microorganisms and enzymes.
Increasing solids concentration, improving ethanol yields, and using higher carbohydrate
feedstocks can all lead to substantial reductions in ethanol cost. However, the positive effects of
these improvements are diminished if ethanol tolerance limits the maximum ethanol concentration
in SSF.

Other issues that may assume importance if certain assumptions in the base case are shown to be t0o
liberal are:

« Nutrient requirements for xylose fermentation and SSF. Minimum nutrient requirements must be
determined for the microorganisms under consideration. Nutrient cost could be a major operating
cost for the process, and ultimately determine if a particular microorganism could be used in the
process.

+  Conversion of xyvlan to xvlase during nretreatment.  High overall xvlan conversion to ethanol is
required to reduce ethanol cost to compefifive levels. THitis possible to recyCle a’large tracfion ot
the process water, then xylan conversion during pretreatment is not quite as important. This is true
only if xylanases can convert a significant fraction of the xylan to xylose during SSF. There will
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always bc a process water purge to balance the moisture entering with the feed, so some xylan and,
xylose would be lost even at maximum recycle rates, ‘

Typically, there are many possible technical solutions to these issues. Members of the ethanol
program research community should submit their ideas and from these the ones with the most potential
should be selected.

9.3 Process Analysis

Process analysis provides a tool by which changes and improvements in the technology can be.
assessed in terms of the process economics. For example, improvements in yields, productivities, or
power requirements that result in significant cost reductions are particular areas in which to focus future
research efforts. As such, process analysis is a valuable tool for determining the best directions and areas
for future work. The design presented in this study is our best design based on current technology. As
future research improves the technology, it will be necessary to continually analyze and update the process
design and economics. This will provide the structured framework necessary to guide the process
development from bench scale research to commercial operation.

Besides identifying areas for research, process analysis also provides goals for plant design in such
areas as plant size, feedstock composition, and cost. As plant size is increased, economies of scale
decrease ethanol cost. However, this benefit decreases because at some point it is no longer possible to
scale up equipment. Instead, a doubling of plant capacity requires two separate flow trains that eliminate
the benefits of economies of scale. In addition, average transportation costs for feedstock will probably
rise with pldnt size due to a larger collection area. Process analysis will help to determine optimum plant
capacities.
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Appendix A
Tradeoff Studies and Options Considered

Appendix A-1—Miiling

The three most cdmmon techniques for biomass size reduction are hammer milling, knife milling, and
disk refining. The pbwer consumption for both hammer and knife milling of wheat straw, aspen, corn
cobs, and corn stover}has been studied by Himmel et al. (1986). This study determined that knife milling
has the lowest power| consumption and is the preferred technique. Thus, knife-milled material has been
used for most of SEI#].’S experimental work (Spindler et al. 1989a, Spindler ct al. 1988).

However, based L:n the recommendations of ABB Sprout-Bauer, Inc. (1990), a manufacturer of all
three types of mills, z} disk refiner was chosen for this study. Both the hammer mills and the knife mills
carently manufacued haye limited cqnacity. Far examnle, the canacify of the largess knife mill availahle
is 8000 1b/h; thus, 20 mills are required to handle the same capacity as four disk refiners. The cost of
20U knite muils 15 $3. [ MR compared'to the cost o1 $1.48 MM 10r Tour aisk rerfners. ffowever, tie greder
power requirements ﬁor disk refiners (128 hp-h/ton, [ABB Sprout-Bauer 1990] compared to 85 hp-h/ton
for knife milling [Himmel et al. 1986]) makes the total cost (operating plus capital charges) for each
option approximately equal. But disk refiners were chosen because less solids handling equipment is
required to feed four disk refiners when compared to the equipment required to feed 20 knife mills.
Maintenance requirements are aiso expected’ 1o de fess severe or aisk reriners (Rmit mily wowly' requies
frequent repiacement} of the knife blades).

|
dprrudin A2—RPRIZRRINRRL
Introduction

Of the many biomass feedstocks available for ethanol production, one of the most abundant and
cheapest is cellulosi¢ biomass. Cellulose, a polymer of glucose, can be broken down into glucose by
enzymes and then converted to ethanol by ycast. However, hydrolysis of cellulose in raw cellulosic
biomass is difficult. This has been attributed to the crystallinity of cellulose and the lignin-hemicellulose
sheath that surrounds the cellulose. Thus, some form of pretreatment is necessary to disrupt the lignin-
hemicellulose sheath and increase the susceptibility of the cellulose to enzymatic attack. Pretreatment can
also hydrolyze hemigellulose to its individual sugar components. In the case of hardwoods and wheat
straw, the hemicellulose is composed primarily of the five-carbon sugar xylose, a sugar that ¢an also be
converted to ethanol. The conversion of xylose to ethanol improves the overall economics of the
cellulosic biomass-toi—ethanol process (Hinman et al. 1989).

Several processes can be used for pretreating biomass including autohydrolysis steam explosion, steam
explosion with an acid catalyst, dilute sulfuric acid hydrolysis, and the organosolv process. The dilute-acid
process uses low coﬁxcentrations of sulfuric acid at relatively low temperatures (160°C for 10 min) to
achieve almost complete conversion of the hemicellulose xylans to xylose (Grohmann et al. 1986, Torget
et al. 1988). However, prior to this step, particle size is reduced to nearly 1.0 mm, requiring' significant
amounts of energy. Both steam-explosion processes use high-pressure steam and rapid depressurization
to reduce the size of the biomass particle and partially hydrolyze the hemicellulose fraction. Both require
greratianally camn ax Steam exalosion guns With antabydralysis steam explosion. the vield of xvlose
is low (30%-50%) (Wright 1988). However, the yi€ld can be improved by using a catalyst, such as SO,
(Schwald et al. 1989), which is the basis for the acid-catalyzed steam-explosion process. The organosolv
process uses an organic solvent to dissolve the lignin and hemicellulose fractions from the cellulose. The
lignin is then precipitated from solution, leaving the xylose in the liquid strcam. This process is
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complicated and expensive, but produces a high-quality lignin stream that could be converted to high-value
products. ‘

Because of the low xylose yields and their negative impact on ethanol production economics, a
detailed analysis of autohydrolysis steam explosion was not carried out in this study. Furthermore,
because of the expense and complexity of the organocsolv process and because there are no current large
markets for high-quality lignin, this process was also not considered further. The economics of the two
remaining pretreatment options, steam explosion with an acid catalyst and dilute sulfuric acid pretreatment,
were evaluated with two different feedstocks: wheat straw and aspen wood chips. These materials are
representative of the performance expected for two of the most abundant categories of cellulosic biomass,
herbaceous and wood energy crops.

Methodology

Each of the four feedstock/pretreatment combinations is analyzed on the basis of total sugar (glucose
as unconverted cellulose and xylose) produced, which could then be converted to ethanol. The economic
information is summarized on the basis of total sugars, assuming 90% of the cellulose leaving the
pretreatment process could be converted to glucose. However, the analysis does not consider conversion
of cellulose to glucose or subsequent conversion of sugars to ethanol, but only considers the pretreatment
processes. A different yield of glucose from cellulose will change the absolute cost of the processes but
not the relative comparison between processes.

Process Description

Acid-Catalyzed Steam Explosion With Aspen Wood. A flowsheet of the acid-catalyzed steam
explosion process for aspen wood chips is shown in Figure A-1. The design for the steam-explosion
system is adopted from a design by Stone and Webster Engineering Corp. (Stone and Webster Engineering
Corp. 1985), and the design of the SO, recovery section is based on the work of several groups
(Schwald et al. 1989, Mackie et al. 1985, Wayman and Parckh 1988, Brownell and Saddler 1984).
Finally, the design of the lime slurry preparation system section is adopted from a study by Badger
Engineers, Inc. (1984).

Aspen wood chips are stored in an open pile and delivered by front-end loaders to a screen that
removes oversized material, which is sent to a rechipper. The screened material is loaded into a stainless-
steel steam-explosion gun. Each stainless-steel gun is a 3.5 ft (1.07 m) diameter pipe, 14.5 ft (4.45 m)
g, atsrgmed’ 10 650 poiy ({480 &), amd’ sedled’ o cdart end’ 0y quick-opeming, rfui-port pilug or dail’
vaives. ‘Once tne ¢nips are sedied inside the gun, steam and vaporized suliur dioxide are added, and the
chips are cooked for 2 min. Sulfur dioxide added to the gun is taken as a liquid from a carbon steel
storage vessel, pumped to 600 psig (4236 kPa), vaporized, and mixed with steam. After cooking, the
Iaterial is hlown down info a 316 stainless steel flash vessel qneratine at &) nsie (515 kPa)  The steam-
exploded wood then flows to a second 316 stainless-steel atmospheric flash tank where final cooling takes
place.

Vapor from each of the flash tanks is sent to partial condensers (304 stainless-steel tubes/carbon steel
shall The canslansats, sEY conaining ¢ simal! amiun of SO, & ol dr £ comsbisate recaiver; divar
pumped to a 316 stainless-steel open-steam stripping column. The SO, removed from the top of the
column is combined with the uncondensed SO, from the partial condensers, compressed to a liquid, and
naydrid hack te the ipud S0, Yemgr tank. The wates frun b Rt o e ~dumn s Rl '@ Wt
treatment. This extensive SO, recovery system is employed to significantly reduce any discharge to the
environment.
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Figure A-1. Flowsheet for acid-catalyzed steam explosion of aspen wood chips
Srpntedd W\'f@;’&"‘;'ff‘a‘%‘(‘%“wfkf\\“\*fx‘i‘.“o’ifu“.'t“a‘éﬁ‘i‘;’s‘l‘fn‘kﬁ‘ré"rﬂ&i‘a"‘ canddrcnmehined wiith o Freaiar gt the aid
steam ﬁ;rom the downstream washing filter belt to obtain a pumpable slurry. The slurry is pumped to the
~weaky "ﬁm.‘\?&ﬁL*m'fehm'wmﬂ&‘uz,"A'}i\ssv,"&ﬂbf\*,becl°5\‘,'.\!i\‘,eam&‘z\si?.Lfrn,fn.fbev%\‘jﬁl,ﬂelh.\lr.\sgai.s’g.i.n.

slurry. | The cellulose lignin material can then be sent to an ethanol production unit. The liquid stream
from thie filter belt is sent to a stripping column, which is heated by a steam reboiler. The SO, removed
by thisﬂcolumn is comprpsgsed, condensed, and recycled back to the liquid SO, storage tank.

Thé acidified liquid (from conversion of SO, to H,SO,) from the bottom of the stripping column is
sens Joi 2 304 stainless-steel vessel for neutralization by a lime slurry. producing a neutral xvlose-
containing stream, which can be sent to an ethanol production unit. A small amount of this stream is
taken and mixed with lime in a carbon steel vessel to produce the lime slurry.

Acid-Catalyzed Steam Explosion With Wheat Straw. The wheat straw plant accepts bales that are
manag@d by a crane system and stored in a pile. After the bales are broken apart in a bale shredder, the
materiagjl is screened and seént to a separator bin that removes dirt, dust, and grains from the fibers. The
fhars ge dhar san &5 e steam-explesine gums.  The ramaintar o dhe provass is showr dr Rigae A-L

'Miqc.‘& Sdfnin. AL Ruatnaatmant, With, Asprn, Wead. A, flswshens, fon the dilnte wlfurie agid
procesq%j with aspen wood chips is shown in Figure A-2. The pretreatment part of this process is based
on the §besign of Torget et al. (1988). Wood chips are screened to remove the oversize material, which
is sentLtt(I) a rechipper. The acceptable material is sent to a disk refiner. Here the chips are milled to

reduce%" e particle size tc? a:pproximatcly 1.0 mm. Following this, the milled wood enters the steam-heated

impregnator where water and acid are added. This reactor e¢nsures that acid thoroughly diffuses into the
wood particles. The acidiﬂed slurry is then fed to the prehydrolysis reactor, which is steam-heated to
16()°C.H Both the impré;ghation and prehydrolysis reactors are constructed of Carpenter-20 alloy for
corrosion resistance. After prehydrolysis, the wood slurry is cooled by flashing to atmospheric pressure;
the shiry is subsequently cooveyed fo the rentralizatioo tank.  The vanars from the flash tank are
condedsed and sent to waste treatment. The sulfuric acid in the wood slurry is neutralizeéd in the
neutralization tank by a lime slurry and additional water is added to make a pumpable wood slurry.
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Figure A-2. Flowsheet for dilute sulfuric acid pretreatment of aspen wood chips

Dilute Sulfuric Acid Pretreatment With Wheat Straw. The design of the feed handling/storage and
preparation areas is the same as that described for acid-catalyzed steam explosion with wheat straw. After
screening the straw is sent to a disk refiner, and the remainder of the process is as described previously
for dilute sulfuric acid pretreatment with aspen wood.

Plant Capacity and Feed Composition. Process flow diagrams for each feedstock were developed
based on a delivered flow rate of 160,000 Ib/h (72,700 kg/h) of dry feedstock to the pretreatment section
of the plant. Aspen wood enfers the nlant at S0% maisturg and wheat straw anters the nlant af 12%
moisture (Strehler 1987). The chemical composition of each feedstock is given in Table A-1.

Design Basis

Acid-Catalyzed Steam Explosion. The chips are held in the steam-explosion guns for 2.0 min at
240°C (Schwald et al. 1989). An additional 0.5 min is needed for loading and preheating, and another
05 min is peeded far hlowdown and cleaning  The datal opale time per gae ds 3 anin, althoegh dhis hes
W e Wneasaded e rage sl wsuned foi i Prat.

The SO, used for steam explosion is 1.6 kg per 100 kg of dry wood, and the high-pressure steam use
is 0.85 kg per kg dry wood (Schwald et al. 1989). For wheat straw, the SO, use is the same, and the

Aigbprasure stear ase s calta'ats & e auprorimaly Q45 by par by o dly swaw: deciase o fower
! )

water content. The xylan conversion from a SO,-catalyzed steam explosion is 75% conversion to xylose,
15% conversian to furfural 5% anchanged and 5% degrlad &0 salid st Callmbass ds assamas!

unchanged. The SO, is converted as follows: 9.2% to sulfuric acid, 9.7% to lignin sulfonic acids, 74.2%

unconverted and available for recycle, and 6.5% retained with the lignin (Schwald et al. 1989). The
washing filter belt system is a five-stage washing operation, similar to a paper pulp stock washer, in which
99% of the solubles are recovered (Stone and Webster Engineering Corp. 1985).

Dilute Sulfuric Acid Pretreatment. The milling step requires 125 hp/ton/h (94 kW/ton) of electrical
power for wood and 12.5 hp/ton/h (6.4 kW/ton) for wheat straw (ABB Sprout-Bauer 1990). The
impregnator operates at 100°C with a 10-min residence time (Torget et al. 1988). The prehydrolysis
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Table A-1. Chemical Composition of Aspen Wood and Wheat Straw

Aspen Wood Wheat Straw
(Badger Engineers 1984) (Grohmann et al. 1986)
(%) (%)
Cellulose 46.2 40.8
Xylan 24.0 27.0
Lignin | 24.0 18.4
Ash 0.2 12

Other 5.6 2.6

reactor operates at 160°C for a 10-min residence time and with an acid concentration of 1 wt % after
steam and water addition (Torget et al. 1988). Xylan is assumed converted as follows: 80% to xylose,
13% to| furfural, and 7% unconverted (Grohmann et al. 1986). Also, during prehydrolysis, 4% of the
cellulo%‘e is converted to glucose (Seaman 1945); the rest is assumed unchanged.

Capital Cast Estimate and Economic Analysis

Heat and material balances were developed and used to specify equipment sizes. Purchased equipment
cost is estimated using information from COADE (1983), Icarus Corp. (1987), Guthrie (1974), Stone and
Webster Engineering Corp. (1985), and Badger Engineers, Inc. (1984). Total fixed investment is estimated
as 2.85 times the purchased equipment cost (Chem Systems, Inc. 1990) plus an additional 2.0% for
miscellaneous equipment. Working capital is 4.8% and startup cost is 5.0% of total fixed investment
(Chem Systems, Inc. 1990). The annual capital charge (depreciation, taxes, insurance, and rate of return)
i v ot Arvesiad! (Frad pliy warting plas slateyr Gosy dmer @ fead ahage e (FOR) of 1.20)
tynical lfar these fynes of nlants (Chewm Systems Ine 1990, Chem Systems. Inc. 1989). Chemical costs
“are' tAKen “trom e Tnenitcdi " fratkeimg Keporier {£990). TOiliy costs o1 process  wate , "Coointy wite,
and s/tgam are estimated from Peters and Timmerhaus (1980), and electricity is assumed to cost
SOMAWHh  Mangnower required is estimated from a nrevious study (Chem Systems. Inc. 1990) as
14 labdrers at $29,800/y and 3 foremen at $34,000/y. Maintenance is 3.0% of total capital invested, and
overhead is 65% of labor plus maintenance. Insurance and taxes are 1.5% of total fixed investment.
By-product credit is taken for lignin sent to the boiler and is estimated as the heating value of lignin
divided by the total heating value of the feedstock times the feedstock cost.

Results

An economic summary of acid-catalyzed steam explosion for both aspen wood and wheat straw is
given in Table A-2 for a feedstock cost of $42/dry ton (Wright et al. 1988) and a FCR of 0.2. The sugar
selling | price (glucose and xylose) as a function of feedstock cost is shown in Figure A-3 for both
feedstocks. It is somewhat cheaper to produce sugars from aspen wood for the same feedstock cost. This
is due to the greater amount of sugars contained in aspen wood (70% cellulose and xylans) when
compared to wheat straw (68% cellulose and xylans). Also, aspen wood has a larger by-product credit
because of its larger lignin content.
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An economic summary of dilute sulfuric acid pretreatment for both aspen wood and wheat straw is

given in Table A3 for a feedstock cost of $42/dry ton. The sugar selling price as a function of feedstock

cost is also shown in Figure A-3. In this case, aspen wood also results in a lower sugar selling price for
the same feedstock cost, except below $35/dry ton where the costs are approximately the same. In this
case, the advantages of the higher carhohydrate content of the aspen wood are offset by the greater

electrical cost required to mill the aspen.

Table A-2. Economy Summary of the Steam Explosion Process

Grassroots plant, first-quarter 1990 cost
Plant Capacity: 160,000 dry Ib/h
Total Capital Investment:
Aspen wood plant  $53.4 MM
Wheat straw plant $54.4 MM

Aspen Wheat Straw
¢/lb sugars

Raw Materials

Feed 3.28 3.44

SO, 0.07 0.08

Lime 0.01 0.01
Utilities

Process water 0.07 0.08

Cooling water 0.09 0.10

Steam-60 psig 0.28 - 0.26

Steam-600 psig 0.30 0.16

Electricity 0.03 0.05
Labor 0.06 0.06
Maintenance nig 0.19
Overhead 0.16 0.16
InRIrRRRR 2R Taves QR QN
By-product Credits

Lignin 1.06 0.96
Capital Charges 1.30 1.39

Totals 4.85 5.11

Feedstock Cost: $42/dry ton
FCR: 0.20

SERI Proprietary Information
Do Not Copy
| 88



BA-G0722012

Dllute acid

Sugar selling cost (¢/Ib)
(8}
I
\mi
©
Q)
3
[}
Dl
'Q
O
w
\"‘
3

—— Aspen wood
= === Wheat straw

2 | | i L
20 30 40 50 60

Feedstock cost ($/dry ton)

Figure A-3. Sugar s)blting cost as a function of feedstock type and cost for both aspen wood and
‘ wheat straw

Discussion

The choice of feedstocks for sugar production will probably be governed by plant location. Plants
situated in heavy fooq:l crop agricultural areas will probably use agricultural residues such as wheat straw.
In other areas, where ‘agricultural residues are not readily available, wood energy crops will probably be
used. There is not an overwhelming advantage to either feedstock, particularly for dilute sulfuric acid,
if they are obtained at the same price. However, feedstock cost does have a significant effect on the
selling price of sugaﬁ A decrease in feedstock cost from $60 to $20 per dry ton decreases the selling

price by apprommately 2.0 ¢/1b sugar, which is a 35% reduction for steam explosion and a 42% reduction
ton dite UG w 1‘

The data in TabFes A-2 and A-3 show that dilute sulfuric acid is approximately 20% cheaper than
steam explosion using the process configuration and yields assumed in this study. The higher cost for
steam explosion is prlmanly due to the higher capital cost associated with SO, recovery. These results
are based on our current understanding of each of these processes. Future improvements and chianges to
l‘r‘nf Prucesy Lmn‘i'gunmtm cumts' @t drests resuns,

Appendlx A-3—Sugar Separation

In this study, prehydrolyzed wood exits the prehydrolysis reactor with a high concentration of solids
(approximarely 247 suiiul widt 167 xyiose). At diese comalitony dieares iy Mo e wak; e al' dhe wat;
xylose, acid, and other soluble materials are absorbed into the particle. The solids concentration of a
completely saturated biomass particle is 18% to 20% (Schell 1990).
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Table A-3. Economy Summary of the Dilute Acid Process

Grassroots plant, first-quarter 1990 cost
Plant Capacity: 160,000 dry Ib/h
Total Capital Investment:
Aspen wood plant  $32.5 MM
Wheat straw plant  $34.3 MM

Aspen Wheat Straw

¢/Ib sugars

Raw Materials

Feed 3.09 3.21
Acid 0.07 0.08
Lime 0.05 0.06
Utilities
Process water 0.03, 0.04
Cooling water 0.02 0.02
Steam-60 psig 0.21 0.15
Steam-600 psig 0.0 0.0
Electricity 0.35 0.09
Labor 0.06 0.06
Maintenance 0.10 0.1
Overhead 0.10 0.11
Insurance and taxes 0.05 0.06

By-product credits

Lignin 1.00 0.90
Capital charges 0.75 0.82
Totals 3.88 ’ 3.91

Feedstock Cost:$42/dry ton
FCR: 0.20

One technique for removing xylose, acid, and other solubles from the particles is by repeated washing
with water, which allows the sugars to diffuse from the particles into the bulk solution. Further recovery
can then be achieved by squeezing the particles (e.g., by centrifugation), thus extracting more liquid-
containing sugars. The resulting liquid is then neutralized with lime, forming calcium sulfate (gypsum).
After removal of the gypsum, the stream is sent to a xylose fermentation unit for conversion of xylose to
ethanol. For this option, using two centrifuges in series with a counter current flow of wash water at an
assumed rate of 2.5 Ib wash water per pound of solids and dewatering to 35% solids, gave a 67% recovery
of xylose and diluted the xylose stream from 10.0% to 6.7%. Sugar recovery can be improved by using
more wash water, but the xylose is further diluted. In order to obtain a reasonable recovery of sugars
(90%), it is estimated that four or five stages of centrifugation will be required at the same wash water
fow raks.  OWing Saugger (19845 cost aara 1or centrifuges doing similar service, the estimated purchase
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price for five stages of centrifugation is $8.0 MM and total capital cost of $22.2 MM. This is roughly
16% of our estimated total capital cost of $141 MM. With this option, additional capital is also required
for gypsum separation equipment.

Because of the large capital expense associated with this option, it is preferable to neutralize the entire
stream out of prehydrolysis and send the stream to xylose fermentation. During the fermentation, xylose
will diffuse out of the particle into the surrounding liquid, where it will be converted into ethanol.
Because xylose is disappearing from the bulk solution (via conversion to ethanol), a concentration gradient
will exist that will continue to drive xylose from the particle into the surrounding liquid. The gypsum
produced by neutralization and lignin will be carried along through xylose fermentation. The advantages
of this option over the previous one are reduced cost (by elimination of centrifugation and gypsum
separation) and potentially higher ethanol concentration from xylose fermentation. Because of these
potential advantages, this option was used for this study. However, it is important to note that no actual
performance data exist for this option.

Appendix A-4—Cellulase Production

Over the years, cellulase productivity has been improved through the dcvelopment of new strains of
the cellulase-producing fungus Trichoderma reesei. Researchers at Rutgers University developed a
mutation of T. reesei, Rut C-30, which has significantly higher enzyme productivity than the previously
used strain QM 9414. More recently, Cetus Corporation (Emeryville, CA) developed a highly productive
mutation, L-27 (Shoemaker et al. 1981). In addition, experiments with various types of nutrient media
have enabled cheaper ingredients, such as corn steep liquor, to be substituted for more expensive
ingredients, ‘such as proteose peptone. :

Performance data for cellulase production using batch and fed-batch production techniques are
available and listed in Table A-4. Fundamental kinetic information for the production of cellulase was
not available. An analysis of the data shows that fed-batch production of cellulase has a higher
productivity and yield than batch production. However, a true fed-batch mode of operation is not possible
because the feed is wet. Fed-batch requires that essentially dry feed be added to the fermenter or that a
portion of the fermenter contents be removed and slurried with the incoming feed. Because a fed-batch
situation could not be envisioned, the process was designed for batch operation. Furthermore, the data
are not of sufficient quality or quantity to allow any correlations to be developed. The values used for
yield, substrate concentration, residence time, and specific activity are average values determined from the
data for batch operation.

Appendix A-5—Xylose Fermentation

A prefiminry amaysis was performed’ @ abeenmine i ratnive meamis” of simalanaoes’ Qrimanasios
and isomerization of xylose (SFIX) versus E. coli for the fermentation of xylose to ethanol. The
geneticatly engineered E. cofi supplied by L. Ingran has been shown to- produce high: cthanel yields of
88%-95% (Spindler 1989) but requires large amounts of basc to neutralize fermentation acids. SFIX does
not require large amounts of base but has lower yields and requircs xylose isomerase production and
immobilization. Both fermentations require 2 days to achieve adequatc yiclds.

The purpose of this analysis is to determine the best option for xylose fermentation, SFIX or E. coli.
Initially, we will assume that xylose isomerase is infinitely stable and 100% recoverable without cost; thus,
there are no capital or operating expenses associated with isomerase use. Operating and capital costs,

EXCEPT 10T st AUtONT, AT ST o7 J& cyiar riT oot sTSIENs; sttt Juul {Ermramauibns ™ oo
2 days. Thus, under these conditions, if the extra revenues received for the increased ethanol production
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from the E. coli fermentation offset the base cost, this will be a more viable method for xylose
fermentation. :

D. Spindler’s (1989) data for ethanol concentration (g/L) and NaOH usage (mL) as a function of
fermentation pH are shown in Table A-5. Ethanol production from xylose fermentation (in gal) is
calculated from the ethanol concentration and fermenter working volume of 2.0 L used in these
fermentations. NaOH usage is calculated from the base molarity and amount used in milliliters. Because
NH,4OH is a cheaper base and provides some nutritional requirements, the equivalent amount of NH,OH
that would be required is calculated from the ratio of molecular weights. The amount of NH,OH required
per gal of ethanol produced is the ratio of NH,OH usage (in Ib) to ethanol produced (gal). The base cost
($/gal ethanol produced from xylose fermentation) is NH,OH required (Ib/gal ethanol) multiplied by
NH4OH cost developed below.

The cost of anhydrous ammonia is $90/ton (Chemical Marketing Reporter 1989) ($.045/1b). Ammonia
dissociates into ammonium ions according to the following reaction:

NH, + H,O - NH; + OH".

Qe B of ammanie prostves 2.06 5 o ammanie Syl The gosé of ammantam dyclonisl ds dhan

: $0.045( 1O NH, )\ _ $0.0218
Ib NH,| 2.06 Ib NH,OH Ib NHOH

Table A-5. E. coli Fermentation Data and Base Usage and Cost

Ethanol NaOH Usage® NH,OH
- : NH,OH
ph Conc.  Prod.? Usage Req/. Cost
(g/L) (gal) (mL) (9) (9 (Ib/gal) ($/gal)
7.0 366  .0248 250 50 43.7 3.89 0.84
6.5 393  .0266 240 48 42.0 3.48 076
6.0 36.3 0246 100 20 17.5 157 034
5.5 226 0153 380 76 66.5 9.57 209

8 2.0 L working volume
b 5.0 M NaOH

The analysis continues by taking the ethanol yield for SFIX as 70% and the yield from the E. coli
fermentation as 90%. (D. Spindler’s yields for the E. coli fermentation were 90%, 96%, 89%, and 55%
for pH controlled at 7.0, 6.5, 6.0, and 5.5, respectively.) Then, for 1 gal of ethanol produced by SFIX,
1.29 gal will be produced by the E. coli fermentation, and, with ethanol priced at $0.60 per gal (the cost
gaal of the SERI/DOE alcohal fuels program). this gives extra revenne of $0.17 far the E cali
fermentation. The additional cost to attain the extra revenue (at pH 7.0) is $0.11 ($0.084/gal x 1.29 gal).

SERI Proprietary Information

Do Not Co
93 Py



Thus, the extra revenue exceeds the extra cost, and, even in light of the optimistic assumption regarding
isomerase cost for the SFIX process, the E. coli fermentation appears to be the more economical process.

1T iy, Xy1ost ISUIICTHSE 18 IUC very sttt & alie pray used’ (00 xylose @rimenmaiun, s siowir &y
Figures A-4 and A-5. These data are for the immobilization of E. coli xylose isomerase as reported by
G. Means (1989) and coworkers at Ohio State University. The exception is the immobilization of enzyme
on polyetnyienimine-giutardidényde-siica ‘oeals (PUS), whidn snowed no degralrition wier 2 duys.
However, even with infinite enzyme life, recovery of the immobilized enzyme from the fermentation broth
in the presence of lignocellulosic particles may be difficult.

Several other problems will increase the complexity of the SFIX process. S. pombe (the yeast used
in SFIX) requires glucose for growth, which can either be bought or obtained from hydrolysis of cellulose.
The cost of glucose (cost from Chemical Marketing Reporter Nov. 27, 1989) per gal of ethanol is shown
in Figure A-6 as a function of time to discharge of the entire fermenter contents and the cell replacement
rate per fermentation (assuming cell recycle). The fermenter must be periodically dumped as the level
o oyt cels daria o TIRY duitity ay @ domasia rfeall rgmlacaman’ ks per EITmanaiion 1§ siowir
in Figure A-7. Thus, low cell replacement rates and long times between fermenter dumps would be
nReRstaRY 1o achisve rrasonabla gdnrase st and. lnwar anzyme repacement. wales,. Howeavar, this, wodd,
lead to problems with buildup of lignin and unconverted cellulose in the fermenter.

Another option is xylose-fermenting yeast, but these fermentations suffer from low yields (50%-70%)
and typically have longer fermentation times (2-5 days) (Skoog and Hahn-Hagerdal 1988). Another option
is t0o buy Novo Sweetzyme Q (cost from Don Krull 1989) instead of producing xylose isomerase.
Figure A-8 shows the cost of enzyme/gal ethanol out of the plant as a function of time until the fermenter
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Figure A-4. Xylose isomerase stability at pH 5.75 for different immobilization methods
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is dumped; It is assumed that enzyme is added to maintain a constant enzyme loading and that the half-
life of the enzyme is 220 days, which is estimated from Nove data. In fact, this half-life is probably much
greater than the half-life that could be obtained at a pH of 5.75, which will make the true cost even higher.
Even then, the minimum cost of the enzyme is approximatcly $0.10/gal ethanol.

For reference, SFIX performance data have been compiled in Table A-6 and xylose isomerase
production data are shown in Table A-7.

Appendix A-6—Nutrient Cost for Xylose Fermentation and SSF

Altthgh this study assumed that all nutrient requirements are met by the recycle stream, a source of
supplememtal nutrients may be required. The cost for nutrients is calculated for the worst-case scenario,
assuming that the recycled water does not contribute any nutrients. The nutrient requirements for both
xylose fer{nentanon and SSF are given in Table A-8. The media for xylose fermentation is an M9
minimal niedxa with the following changes: Na,HPO, is eliminated because buffering is not required;
the concentration of KH,PO, is doubled to supply additional phosphate; and it is assumed that only one
amino acid is required at a concentration of 0.075 g/L.

The cost for nutrients is shown in Table A-9 for both xylose fermentation and SSF. The second
column is the average cost for all nutrients and is determined by weighing the individual nutrient cost with
the required concentration. If nutrients are required at the concentrations assumed in Table A-8, then the
cost of nufrients for xylose fermentation and SSF is 21¢/gal and 14¢/gal of denatured fuel, respectively,
for a total cost of 35¢/gal of denatured fuel. This is not an insignificant cost, thus, the nutrient
requirements for the process are extremely important.
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Table A-8. Concentration and Cost for Xylose Fermentation and SSF Nutrients

Nutrient

Concentration Cost
(g/L) (¢/Ib)
Xylose Fermentation
CaCl, 0.01 7.65
MgSO, 0.12 14.00
KH,PO, / 7.00 6.60
Naél 3.50 1.00
NH,CI 1.00 18.00
Amino acid 0.075 1000.00
SSF
(NH),SO, 1.50 4.25
MgSO, 0.10 14.00
CaCl, 0.06 7.65
Corn steep liquor 7.50 11.00
Source for SSF nutrients: University of Arkansas
- Table A-8. Nutrient Cost
Average Nutrient Cost Annual Cost Cost
(¢/1b) ($MM) (¢/gal fuel)
Xylose Fermentation 12.35 12.24 211
SSF
Nutrients 3.96 0.61 1.1
Corn steep liquor 11.00 7.60 13.1
Total SSF Cost 14.96 8.21 142
Total Cost 20.45 35.2
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Appendix B

Process Technical Data and Assumptions

General Spbcifiﬁcaiions

T
Mixing motors
Tank capacity

1.0 hp/1,000 gal except as noted
| §0% full except as noted

Chilled water temperature 10°C

Steam levels |

50 psig, 150 psig

Feedstock Cémposition (dry):

Cellulose
Xylan
Lignin
Ash !
Others (saluble)

The wood is deliv

Feed Handling
|

Wood Chip File:

46.2%
24.0%
24.0%
0.2%
5.6%

ered to the plant at 50% moisture.

Storage | 4 days

Losses none (assumption)
Mill: ‘

Particle size ! 2.0-3.0 mm

Power rcq‘uiremcnjt 128 hp-h/dry ton (vendor number)
Pretreatment

\ 1
Pretreatment is a two-step process. Acid impregnation is followed by prehydrolysis at a higher

temperature.

Impregnation:
Reactor continuous digester (Carpenter 20 alloy)
Temperature | 100°C
Pressure || atmospheric
Exit solids concentration 35 wt % (design assumption)
Rasidraca me, 10, min, (assimntinn),
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Prehydrolysis:
Reactor
Temperature
Pressure
Acid concentration
Residence time

Conversions;
Cellulose to glucose
Cellulose to HMF
Unconverted cellulose
Xylan to xylose
Xylan to furfural
Unconverted xylan

Flash Tank:
Solids concentration
Residence time
Pressure
Mz powa
All furfural to overbeads

Neutralization

Neutralizing agent
Residence time
Mixing power

Cellulase Production

Fermenters:
Type
Temperature
Pressure
pH
Neutralizing agent
Ammonia usage
Ammonia tank size
Subsrate
Substrate concentration
Fermentation time
Cvcle time
Cellulase yield
Enzyme activity
Final cell density
SPRUTR gruwln Tde
O, uptake Rate
Dissalred O
Antifoam use

SERI Proprietary Information
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continuous digester (Carpenter 20 alloy)

160°C

105 psig

0.85 wt % after steam addition in the prehydrolysis reactor
10 min

3.0% (kinetic data)

0.1%

9%.9% "

80.0% (experimental data)
13.0% "

7.0% "

12.0 wt % (Assumed to be a pumpable slurry)
5 min (design assumption)

atmospheric

28 p'T,000 ga' Gssmrpainr

{assumntion)

lime
10 min (assumption)
2.0 hp/1,000 gal (assumption)

batch

28°C

10.0 psig (design assumption) -

4.8

NH,

0.045 1b/1b cellulose and xylose (experimental data)
1% of fermentation capacity (assumption)
Calalese and' ryilose

5.0% (conforms to most experimental data)

5.5 days (experimental data)

6.0 davs. "

202 TU/g cellulose and xylosc (experimental data)
732 1U/g enzyme (experimental data)

20 g/l (experimental data)

VAV w7t "

42 mM O,/L-h "

2% of air sapvatiar Glesiar assampiiags

1.0 ml/L of fermenter volume (assumption)
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Nutrients: (from literature reference)

Ammonium sulfate 1.4 g/l
Potassium phosphate 2.0 g/L

- Magnesium sulfate*7H,0 0.3 g/L
Calcium chloride*2H,0 0.4 g/L
Tween 80 0.2 g/L
Corn steep liquor 15.0 g/

Seed Fermenters (same as above except):
Fermentation time 3.5 days (from literature reference)

Cycle time 4.0 days "

Pressure atmospheric

Substrate concentration 1.0% cellulose and xylose

Cell yield 0.5 g cells/g substrate (assumption)
Final seed volume 5.0% of fermenter volume (assumption)
Airflow 0.2 vvm (assumption)

Mixing power
- First seed vessel
Other seed vessels

0.5 hp/1,000 gal (assumption)
1.0 hp/1,000 gal "

Sterile Feed Tank:
Mixing power maximum - 2.0 hp/1,000 gal (assumption)
‘ o average - ong-half maximum

()qllulasé Hold Tank:
Mixing power ' maximum - same as cellulase fermenters
‘ average - one-half maximum
Xylose %Fermentation

Fermenters:

%Type 1 continuous stirred tanks in series

lTemp1 rature 37°C

Pressure atmospheric

pH 7.0

Neutralizing agent NH,4 |
AmmE]nia use 0.2878 1b/1b ethanol produced (experimental data)
1Ethan‘ 1 yield 85.5% (experimental data and assumption of 90%

1Miximig power

recovery of xylose from the particles)

0.1 hp/1,000 gal (assumption) >

‘Tank fill 95%
Fermentation time 2 days (experimental data)
Nutrients none required (assumed contained in recycle water)

Ethanol to vent Aspen simulation (82% recovery)
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Type

Fermentation time
Cycle time

Substrate

Substrate concentration
Cell yield

Final seed volume
Airflow

Seed Hold Tank:

Mixing power

Cellulose Fermentation

Fermenters:

Type
Temperature
Pressure
Fermentation time
Tank fill -

pH

Cell yield

Mixing power

Conversions:
Cellulose to ethanol
Cellulose to fusel oils
Cellulose to glycerol/
acetaldehyde
Cellulose to cells
Xylan to xylose
Nutricnts
Enzyme loading
Ethanol tolerance
Ethanol to vent

Seed Fermenters:

Same as above except
Type
Fermentation time

S. cerevisiae

B. clausenii
Cycle time

S. cerevisiae

B. clausenii

Seed Fermenters (same as above except):

batch

12h

1 day

xylose and glucose

2.0%

0.5 g cells/g xylose (assumption)

10.0% of fermenter volume (design assumption)
0.2 vvm (assumption)

maximum - 0.1 hp/1,000 gal (assumption)
average - one-half maximum

continuous stirred tanks in series , »"
37°C '
atmospheric

7 days (experimental data)

95%

Uncontrolled

0.5 g cells/g cellulose (assumption)
0.1 hp/1,000 gal (assumption)

72.0% (experimental data)
0.1% (assumption)

4.9% (assumption)

10.0% "

80.0% "

none required (assumed contained in recycle water)
7 1U/g cellulose

4.5%

Aspen simulation (82% recovery)

batch

1 day
2 day

1.5 days
2.5 days
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Substrate - Initial

- Final seed vessel

Substrate concentration
Final seed volume

Airflow

Mixing power
First seed vessel
Other seed vessels

Seed Hold Tanks:
Mixing power

Ethanol Purification

Distillation:
Ethanol concentration
(Rectification column)
Water to fusel oils
Ethanol concentration
(Beer column)
Reflux ratio (beer)
Reflux ratio (rectification)

Lignin Separation:

Solids recovery (centrifugation)
Solid concentration (centrifugation)

Wastewater Treatment

Anaerobic Digestion:
Organics converted

Biogas production

Aerobic Digestion:

glucose

cellulose/cellulase

1.0%

10% of fermenter volume for cach culture
(design assumption)

0.2 vvm (assumption)

0.5 hp/1,000 gal (assumption)
1.0 hp/1,000 gal (assumption)

maximum -0.1 hp/1,000 gal (assumption)
average - one-half maximum

95.0 wt %

5.0 Ib/1b fusel oils (Badger data)
40.0 wt % (Badger data)

0.4 (Badger data)
1.6 (Badger data)

95% (assumption)
50% "

90% (lignin unconverted) (expenmental data,

Rivard 1990) ‘
0.8 1b gas/lb organics converted, balanae to Lell mass
(experimental data, Rivard 1990)

All remaining organics degraded except lignin

Solids recovery (centrifugation)

100% (assumption)

Solid concentration (centrifugation) 50% "
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Utilities

Boiler includes Flakt drying system:

Design pressure 1100 psig, 300°F superheat
Efficiency 83.5%
Turbogenerator:

Rasbizas 1LY pie steam o 150 peis and' SO gt £r prscess ek, ary’ ramaining siear & aardangad
Efficiency 78.5%

Boiler Feed Water System:
Water rate to boiler 3.0% of steam usage plus direct injection (assumption)

Cooling Water System:

Water losses 1.3% of flow for evaporation (from literature)
0.3% of flow for windage "

2.7% of flow for blowdown

t

Sterile Air System:
Air temperature 28°C
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Appendix C

Process Data

Appendix C-1—Heat Capacities

Wood

Sulfuric acid
Ethanol vapor
Lime (solid)
Gypsum

Air

Corn steep Tiquor
Ethanol
Carbon dioxide
Corn oil

Water vapor

Water

Appendix C-2—Densities

All process streams were estimated

as water

Ethanol

Sulfuric acid

Lime

Corn oil

0.32 Btw/1b-°F (Wenzel 1970)

0.37 Bw/1b-°F (Himmelblau 1962)

0.40 Btu/Ib-°F (Yaws 1977)

0.29 Btw/1b-°F (Himmelbeau 1974)

0.26 Btu/Ib-°F (Touloukian and Buyco 1970)
0,23 BuwB-F ((WcCade ana’ Stmat 19767
10 BwZio-"T (assumed)

0.35 Btw/1b-°F (Touloukian and Buyco 1970)
0.21 Btw/Ib-°F (McCabe and Smith 1976)
0.51 Btw/1b-°F (Perry and Chilton 1973)
0.45 Btu/1b-°F (Touloukian and Buyco 1970)

1.00 Btu/Ib-°F

62.4 1b/f3

48.7 Ib/ft> (Weast 1972)
114.2 Ib/ft3 (Weast 1972)
139.8 Ib/ft> (Weast 1972)

57.4 Ib/ft> (Weast 1972)
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Appendix C-3—Higher Heating Values

* Lignin
Cellulose
Methane
Ethanol
Xylose
Xylan
Soluble solids
Cellulase
Glycerol
Acetaldehyde

Methane

Appendix C-4—Latent Heat
Steam (50 psig)
Steam (150 psig)
Ethanol (12°C)

Ethanol (100°C)

11478 Btu/lb (Shafizadeh 1984)

7464 Btu/lb (Shafizadeh 1984)

23984 Btu/lb (Himmelblau 1974)

12836 Btw/Ib (Weast 1972)

6747 Btw/lb (Weast 1972)

7464 Btu/lb (assumed the same as cellulose)
5000 Btw/Ib (assumed)

5000 Btw/b (assumed)

7774 B/lb (Weast 1972)

12835 Btw/Ib (Himmelblau 1974)

23984 Btu/Ib (Himmelblau 1974)

912 Btuw/1b (Steam tables)
857 Btu/lb (Steam tables)
423 Btw/lb (Touloukian and Buyco 1970)

324 Btw/lb (Touloukian and Buyco 1970)

Appendix C-5—Heat Transfer Coefficients (Tubular Exchangers)

Condensing steam-liquid
Liquid-liquid

Condensing vapor-gas
Condensing vapor-liquid
Coils (coils in agitated tank)

Gas-liquid
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700 Btw°F ft2-h (Perry and Chilton 1973)
225 Btw°F ft>-h (Perry and Chilton 1973)
100 Btw/°F ft%-h (Perry and Chilton 1973)
400 Btw/°F ft>-h (assumed)

100 Btw/°F ft>-h (Perry and Chilton 1973)

60 Btu/°F ft>-h (Perry and Chilton 1973)
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Appendix C-6—Solubilities

Gypsum 0.222 g/100 cc (100°C) (Weast 1972)
0.241 g/100 cc (20°C) (Weast 1972)
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Appendix D
Spreadsheet Model

A spreadsheet model of the biomass-to-ethanol process was developed the help perform sensitivity
analyses on the conceptual process design. The model includes a complete material and energy balance,
capital and operating cost estimates, and economic evaluation.

The material and energy balance includes 80 streams with up to 27 components, 6 utility summaries,
and 14 chemical requirement summaries. There are approximately 100 process variables that may be
manipulated in the material balance in order to carry out sensitivity analyses. The variables are listed in
Table D-1.

The utility summaries generated by the material and energy balance include the following:

Electricity
Low-pressure steam
High-pressure steam
Cooling water
Chilled water
Fermentation air

Feedstock, 6ata'lysts, and chemicals summaries generated include the following:

Biomass

H,S0,

Lime

NH,

Corn steep liquor
Nutrients
Antifoam
Glucose
Gasoline

Diesel

Makeup water
Solids disposal
BFW chemicals
Cooling water chemicals

The capital cost estimate is gencrated using capacity exponents and a base case design for which a
detailed cost estimate was originally made. The plant is broken down into 17 process areas and 9 utility
areas as follows:
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Wood Handling

Prehydrolysis

Xylose Fermentation

Seed fed

menters

Main fermenters

- Remaini
Cellulase Pro
~ Seed fer
Main fe
‘ Remaini
Simultaneous
Seed fer
Seed fer
Main fe
Remaini
Ethanol Reco
. Rectific
Remaini
Off-site Tank

ng cquipment
duction

menters

rmenters ‘

ng equipment
Saccharification and Fermentation
menters, culture 1
menters, culture 2
rmenters

ng equipment
very

ation column

ng equipment
age

Environmental Systems
~ Wastewater treatment
Vent system
ties {
BFW, steam, and condensate
Boiler |
Process 'water
Turbogénerator
Cooling water
Chilled water
Fennenj‘ation air
Auxilli | y utilities
Economic analyses are done on a total-plant basis and a process-unit allocated-cost basis. The cost
of }ethanol production is determined on both a per-year and per-gallon basis. There are approximately
25}variables in the economic analysis section of the model. These variables include:
\ |
bapita] Costi
| Exponents for cost of scaled equipment, by area
Installation factors, by area
Working capital
Operating Costs
Onstream factor
Unit costs for all feedstocks, chemicals and utilitics
Labor costs

Utili
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Table D-1. Variables in the Spreadsheet Model of the Biomass-to-Ethanol Process

Wood Handling
Biomass feed rate, Ib/h (wet basis)
Biomass composition, wt %, (wet basis)
Feed temperature, °F

. Prehydrolysis
H,SO, feed rate, Ib/h
H,SO, temperature, °F
Water temperature, °F
Low-pressure steam latent heat, Btwib
High-pressure steam latent heat, Btu/lb
Prehydrolysis reactor conversions
Xylan to xylose, %
Xylan to furfural, %
Xylan unconverted, %
Cellulose to glucose, %
Cellulose to hydroxymethyifurfural, %
Cellulose unconverted, %
Latent heat of stream from blowdown, Btw/Ib
Dilution water rate to blowdown tank, Ib/h

Cellulase Production
Fraction of hydrolyzate to cellulase production
Fraction to seed fermenters
Dilution water rate to seed fermenters, Ib/h
Dilution water rate to main fermenters, Ib/h
Cell mass production ratio in seed fermenters, Ib/lb cellulose + xylose
Nutrient feed rate, g/L
Corn steep liquor rate, g/l
Base feed rate, b NH3/Ib cellulose + xylose
Antifoam feed rate, mL/L
Enzyme yield, 1U/g cellulose + xylose
Enzyme specific activity, 1U/g enzyme
Cell mass production ratio in main fermenters, Ib/lb cellulose + xylose
Fermentation time, days
Fermentation air rate, vwvm
Number of seed trains operating
Time between seed batches, h
Seed fermentation air rate, vvm
Agitator power for main fermenters, hp/1,000 gal
Agitator power for seed fermenters, hp/1,000 gal
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Table D-1. Variables in the Spreadsheet Model of the Biomass-to-Ethanol Process (Continued)

Xylose Fermentation

‘ Fraction of remaining hydrolyzate to seed fermenters
Dilution water rate to seed fermenters, lb/h
Cell mass production ratio in seed fermenters, Ib/lb glucose + xylose
Base feed rate, Ib NH,/Ib ethanol produced
Fermentation time, days
Fraction of xylose available for conversion
Fraction of available xylose converted to ethanol
Fraction of glucose converted to ethanol
Water in fermentation off gas
Ethanol in fermentation off gas
Number of seed trains operating
Time between seed batches, h
Seed fermentation air rate, vvm
Agitator power for main fermenters, hp/1,000 gal
Agitator power for seed fermenters, hp/1,000 gal

Simultaneous Saccharification and Fermentation (SSF)
Fraction to seed fermenters
Percent cellulose converted in seed fermenters
Percent glucose converted in seed fermenters
Cell.mass production ratio in seed fermenters, Ib/lb glucose
Dilution| water rate to SSF, Ib/h
- SSF fermenter conversions
‘Cellulose to ethanol + CO,, %
Cellulose to acetaldehyde + glycerol + CO,, %
‘Cellulose to yeast + CO,, %
Cellulose to fusel oils, %
i Glucose conversion to products above, %
' Xylan to xylose, %
Fermentation time, days
Water in fermentation off gas
Ethanol in fermentation off gas
Fraction of total water condensed from off gas
Fraction of total ethanol condensed from off gas
Number of seed trains operating
Split between two seed trains if two organisms used
Time between seed batches, h
Seed fermentation air rate, vwm
Agitator power for main fermenters, hp/1,000 gal
Agitator power for seed fermenters, hp/1,000 gal
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Table D-1. Variables in the Spreadsheet Model of the Biomass-to-Ethanol Process (Concluded)

Ethanol Recovery
Percent of ethanol recovered
Percent of acetaldehyde vented
Percent of fusel oil recovered
Weight percent fusel oil in fusel oil product (balance assumed to be water)
Water to fusel oil decanter, number times fusel oil rate
Weight percent ethanol in product from ethanol distillation
Gasoline addition rate, Ib gasoline/lb ethanol
Fraction solids recovered in lignin centrifugation
Weight percent solids in underflow from lignin centrifuge
recyuitd’ provess warer racy, ibyfy

Environmental systems
Wastewater from CIP/CS, Ib/h
Fraction of organics converted in anaerobic digestion
Organics to biogas production ratio, Ib/lb

Utilities
Boiler efficiency, %
Turbogenerator efficiency, %
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Appendix E

Process Flow Diagrams

This section contains the process flow diagrams with material balances for the currently designed
biomass-to-ethanol plant. Also included is a plot plan for the entire plant and a more detailed plot plan
for the fermentation area.
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Hali =t ai.
Itarus 1%
Ttares 19
Trares {963
Tearus 1983
Irarys 1963
Itarus 1989
Ulrigh 1984
Ulrich 19
Uirich 1§
Trarus 19
Teares 15
Tcarus 1985
Icarss 1983
Tearus 1963
Trarzs 1963
frares 1883

$15,300 Learis 1983
$£,000 Ulrich 1984
$£0,000 . learus 1383
$67,300 Tcarus 1985
Tearus 1983
fcarus 102

ftares 1383

Trares 1985
Irarzs 1985
Trarus 1985

‘aO%

Itarus 1980
Trargs 1963
Icarus 1985

Icarus 1983

Tearus 1985, Ulrich, 1982
Tearss 1983
Tearus 1583
Cheecast
Trarus 1983

0 Itares 3982
Tearus 1983, Peters 1980

icarys 1983
Tcarus 1985
Trarus 1983
Icarus 1383
Ulrich 1984

us 14985

Tiarus (228
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Appendix F

Equipment List

This section contains the equipment list for all equipment shown on the process flow diagrams. The
list gives the equipment number, equipment name, specifications, cost, and source of the cost information.
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Biomass To Ethamol
Simultaneous Saccharification & Fermentation
Project No. DOE/AFP/BESSF/@2

A/
PP-912R~F/5
PP-9134/5
Pp-953

PUMP

NAME LB/HR
Fluse Pump 1002020
Sulfuric Acid Pusn 2878
Hydrolyzate Pump 942785
Neutralized Hydrolyzate — 344833
eed Pusp 28125
Fersenter Recycle Pump
Prep Tank Transfer Puap 5%
Celiulase Feed Pump 29438
Beer Transfer Pusp 957399
Ethanol Vent Pump 5259
Beer Colwm Bottows Puso 916633
Beer Colusn Reflux Pump 141629
Hash Return Pump
Fusel 0il Pump 115

Rectification Column Btms 60615
Rectification Colusn Rfix 118814
Retycled Water Pump gee129
Sump Pump

Ethanol Export Puwn

Sulfuric Acid Transfer

Fire Nater Pump

M3 Transier Pumo

fmtifoam Transfer Pusp

Diesel Fuel Pump

Basoline Blending Pumo

Corn Steen Liquor Transfr

Reactor Feed Pump

Reactor Recycie Pump

Sludge Pump

final Effluent Pumo

Turbire Condensate Pumo

Process Water Transfer

Process Water Circuiating
Baciwash Feed Pusmp

Backwash Transfer Pusp

Blowdown Pump

Hydrazine Transfer Pump

Boiler Feed Water Pump

Dearator Feed Pump

Condensate Pumo

Cooling Water Pumps

Well Water Bumps

Sterile Water Puwp

PP-9604/5 Supnly Pump
PP-963A/B/C/S CIP/CS Sump Pump

62.4
124
62.4
6.4
62.4

62,4
62.4
62.4

43
62. 4
82.4

LB/CUFT &M

1998.8
3.2
1833.5
1887.8
4.2

1.2
38.8
1912.9
13.4
1831.5
281.8

8.2
1al.1

1682.7

CAPICITY

5PM

HYDRAUL. PUMP
DELTA P HP EFFIC,
psi

S S.83 [ ]
32 8.87 8.4
20 3.3 8.75
98 58.34 875
20 .13 8.7
59 2188 e.7
23 8.26 8.4
58 1,99 9,43
5.8 8.75
1] 0.53 9.4
68  7B.01 .75
68 18,50 8.55
68 . 88 8.4
48 8.81 8.2
40 3.03 8.43
68 11.20 9.63
k! I ) 75
20 1.47 8.45
3 9.19 8.7
49 2.33 8.43
1e¢ 3.1 8.7
49 4,67 8.6
49 8.23 8.4
S8 8.73 0.4
] 8.13 2.4
&8 219 8,43
S8 32.89 8.73
5 3.0 8.7
29 3.09 8.65
8 2.2 8.75
49 4,67 3.6
30 46,38 .73
88 77 .75
28 7801 8.8
4] 9.58 0.4
25 8.73 8.4
28 0.06 8.35
{250 8ez.22 8.75
20 12.84 .73
38 19.23 8.75
68 315,85 8.8

3B 2638 8.
k] 8. 8.4
B 8.8 8.4
32 2.3 %4

BRAKE
Hp

EQUIPMENT LIST

PUMPS
MOTOR
HB/UNIT HATIL TYPE o9 #
10 Cast Steel Centrifugal BESSF~118
8 Reciprocating BESSF-219
SB 85 Pos. Diso. BESSF-218
108 o} Pos. Disa. BESSF-219
13 s Pos. Disp. BEGSF-+18
48 cs Centrifugal BEGSF-418
i €s Centrifugal BESSF-413
1.5 s Centrifugal BESSF-410
68 s Centrifugal BESSr-S'%
2 s Centrifugal BESSF-3i0
125 cs Centrifugal BESSF-618
20 cs Centrifugal BESEF-518
3 s Centrifugal BESSF-628
1 cs Centrifugal BEGSF-528
13 €S Centrifugal BESSF-620
2 £5 Benmfugil BESSF-~528
£ £s Centrifugal BESSF-638
] s Centrifugal BESSF-638
28 cs Centrifugal BESSF-718
1.5 ] Reciprocating  BESSF-710
2] %] Centrifugal BESSF~718
12 s Centrifugal BEGSF-718
1 cs Centrifugal BESSF-710
3 cs Centrifugal BESSF-718
1 Cs Centrifugal BESSF-712
1.5 85 Lentrifugal BESSF-710
& s Centrifugal BESSF-810
50 s Centrifugal BESSF-818
7.3 cS Pos. stmacnnt BESSF-823
40 [ne] Centrifugal BESSF-828
19 8 Centrifugal BESSF-240
75 s Centrifugal BESSF-320
138 €S Centrifugal BEGSF-320
125 £s Centrifugal BESSF-328
2 [:] Centrifugal BESSF-920
3 €8 Centrifugal BEGSF-333
i SS Centrifugal BEGSF-933
1200 ] Cntrfgl,staged BESSF-338
25 cs Centrifugal BESSF-938
48 cs Centrifugal BEGSF-344
Ses cs Centrifugal BEGSF-348
58 o] Centrifugal BES5F-320
1 cs Centrifugal BESSF-352
2 o] Centrifunal BESSF-368
2 g5 Centrifugal BESSF-S62

PUMPS
Total Cost:
Total HP Req'd:

§1,005, .00
519

TOTAL

NO. PURCHRSED PURCHASED

RE@'D COST/LMIT  COST SOURCE
1 84,300 $4,388  Icarus 1985
2 43,200 $6,488  Icarus 1987
2 $67,000 134,200  lcarus 1985
2 $63,200  $125,200  lcarus 1985
2 813, 525, i leares 1985
2 46,000 $13,208  Icarus 1985
2 $2,100 $4,200  Icarus (983
2 43,30 $6,608  Icarus 1985
2 87,500 615,200  Icarus 1985
2 42,608 45,208  Icarus 1383
2 5,70 $19,400  lcarus 1985
2 45,00 $10,280  Icarus 1983
2 43,080 $6,000  Icarus 1985
2 %,le $4,200  Icarus 1985
2 s4,300 600 Icarus 1983
2 45,600 411,200 Icarus 1983
2 $7,208 $14,080  Icarus 1985
2 43,38 46,608  Icarus 1983
3 45,000 $15, leares 1985
2 $17,708 $35,40 Chem:os‘
2 $7,500 $15,008 . Icarus .9
2 $4,3 $6,600  Iearus $983
2 %210 $4,208  Icarus {985
2 42,908 $5,399  Icarus (983
2 8l $4,228  learus (985
2 $3,508 47,3 Irarus 1983
2 $7,500 $15,008  Icarus 1985
1 $7,500 47,528 lcarus 1985
2 49,200 $18,400  Icarus 1985
2 $6,509 $13,000  Icarus 1983
2 $4,200 $8,622  Icarus (985
2 48,208 $16,0080  Icarus 1383
2 $1¢,208 $28,00  Icarus 1983
2 $9,700 $19,408 - Icarus 1983
2 . 680 45,208  Icarus 1985
2 $2,%00 45,800  Icarus 1985
1 82,208 $2,200  Icarus i385
2 435,008 198,200  Icarus I985
2 $5,608 $11,208  learus (983
2 %6,500 $13,208  Icarus 1983
7 $15,680  $189,28  Icarus {985
2 4908 $14,000  Icarus 1985
1 82,108 $2, [0 Icarus 1983
2 43,000 $6,008  Icarus 1283
4 $3,008 $12,08  Icarus 1985
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Bicmass To Ethanol
Simultaneous Saccharification & Fermentation
Project Mo. DOE/AFP/BESSF/02

EQUIBMENT LIST
SOLIDS HANDLING

EQUIPMENT : Hp/

1TEX & NRHE TYPE DUTY/DESCRIPTION UNIT

B5-103 Magretic Chip Cleaner remove down to .3° nuts 7
EM-181A/B/S  Fromt End Loaders Diesel

65-181 Radial Stacking Conveyer Paddle 1580 t/h wet wght, 128ft x 30in 15

85-102 Belt Conveyer Belt
Milled Chip Belt Conveyor Belt

248ft x B.Sft wide, 200 t/h 10
65-104 3
6Y-1818/B/C/D Wood Chip Unloader with Scale 23-ton/}oad

S8ft X 6.5Ft wice, 208 t/h

: 18 vans/hr/loader 33
66~101R/B/C/D Disk Refiner 2500
65-282 Screw Feeder Auger 13508 cft/h 108
65-223 Lime Unloading Conveyer Bucket 120 ft high, 108t/h 9
§5-225 Lime Solids Feeder Rotary Viv 1.5°t/h 1
MB-~220 Lime Storage Bin 3509 cft
¥F-224 Lime Unlcaging Pit 685 cft, 28ft X 50ft X 3ft
65-611A/B Sludge Screws Scren, 18in Seft long 18
£5-881 Sludge Screws Screw, 3in 160ft long 1.5

)

=2
-

2BBBBBEGBE 6

H
8
Ly

88

w

DRW &
BESSF-118
BEBSF-118
BESSF-118
BESSF-110
BESSF-119
BESSF-i10
BESSF-118
BEBSF-2!9
BEEEF-228
BESSF-220
BEGSF-220
BESSF-220
BESSF-638
BESSF-820

TOTAL
NO.  PURCHRSED PURCHASED
RED'D COST/UNIT cosT SOURCE
$18, 300 $19, 308 Icarus 1987
$156,2080  $468,000 Irarus 1987
$124, 700 $125,900 Morbark 1983
$131,700  $191,700 Ulrich 1984
N $40, 08 Ulrich 1984
$39, 408 Marbari 1983

. $157, 630
$379,008 81,515, 8 Sprout-Bauer Quote, 1990

$289,280  3560,080 Blacx Clawson Guote (930
Slg,g% $18,200 Peters et al.89, Ulricn 84
55, 200
ST, 200 $17,008 Icarus 1985
45, 208 $5, 209 ¥eans {387
$20, 508 $41,000 Ulrich 1984

0 el i i e i s e e Gl e

8,000 8,009

SOLIDS HANDLING EQUIPMENT
Total Cost: $3, 162,500
Total HP Reg'e: 10449,5

Uiricn 1984
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Biomass To Ethanol
Simuitaneous Saccharification & Fermentation
ERS Project No. DOE/AFP/BESSF/82

EQUIPNENT
NAME

Feed Cooler

Exhaust Congenser

Water Cooler

Fermenter Exnaust Cndnsr
Exhaust Condenser
Degasser Drum Condenser
Beer Column Reboiler
Beer Colum Congenser
Beer Colusn Vent Convensr
Fusei 0il Cooler
Rectification Clmm Rboilr
Rectification Clum Cndsr
Retfetn Clan Vent Cndse
Feed Preneater

Feed Cross Exchanper
Offgas Cooler

Feeg Cooler

Water Sterilizer

Xylose Fer, Coils
feliulase Fer. Coils

SSF Fer, Coils

TUBE SHELL
Rﬂg_ﬂ NAT'L/DP psig MAT'L/DP psig

6%

JTEMP deg F /TEMP deg F
57108 €s/108
£S/108 £S/100
£5/108 £5/108
£s/198 £5/109
£S/18 £s/100
£5/108 £5/100
Cs/189 €S/1e8
£5/129 C5/100
CS/188 £5/100
£5/108 £5/100
£5/180 £S/100
£S/108 £s/100
Cs/120 CS/189
CS/100 £s/18@
CS/108 CS/108
£5/120 £sS/100
{57100 £3/100
£5/100 £5/180
C5/108
£5/100
£5/108

EQUIPMENT LIST
HERT EXCHANGER

TYPE REMARKS
Fixed Tube  Single pass
Vent Londenser
Fixed Tube  Single pass
Vent Londenser
Vent Concenser
Vent Condenser
Renoiler
Fixed tube
Vent Congenser
Doudle pipe
Reboiier
Fixed tube
Vent Conoenser
Fixed tube
Floating head
Fixea tube
Fixed tuve
Jouble pipe
Coils
Loils
Coils

4 shell-8 tube pass

4.9 in 0D, Sch 18
6.9 in 0D, Sch 18
2.5 in D, Sch 10

BES!
- BESSF-313

BEGSF-410
BESSF-418
BESSF-510
BESSF-510
BESSF-510
BESSF-512
BESSF-510

BESSF-518

TOTAL
NO.  PURCHASED  PURCHASED
REQ'D  LOS7/UNIT COsT
1 $22, 680 $22, 680
1 $14, 100 $14, 100
1 $3, 000 $3, 008
1 $3,100 $3,120
2 417,608 $35, 208
i $3, 400 $3, 420
1 $58, 809 $58, 808 Peters
2 $15,688 $31,200
1 $3,400 3, 480
1 $488
1 $29, 820 $20, B0
1 $20, 808 $22,800
i 43, 530 $3, 408
1 $35, 400 $35, 408 H
1 $8, 300 $8, 200
5 $16, 6528 $83, 200
1 3200 $200
8 $2,990.00 $23,200
3 $13,900 $41,708
27. $1,000 $27, 208
Total Equipment Cost  $448, 208

all ef
Hall =t al. (388
Hall et ai. 988

SOURCE

Ulricn 1984
Hall ef al, 1982

et al, 198
et al. 1982
et al. 1982
st al. 1982
1968, ICARUS

1CARUS 1985
Kali ot ai. (982

Icarus 1985
Hall er ai. (988
Hali et al, 1982
49,609 Hall et al. 1988, Pe
‘t ai. 1988, Pe

Vendor Juote
Vengor Zuote
Veroor duote
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PB-B174/5
BA~968

6A-951
6F-381
BT-912

PX-3500/8/8

PK-351

EDUIPMENT
NAME

Line Mixer

Blowdown Tank Agitator
Neutralization Tank Apgitator
Line Dust Cyclone

Desiccant Air Filter
Impregnator with Rotary Valve
Prehyorolysis Reactor

Sead Held Tank Agitator
Xylose Ferventer Agitator
First Seed Vessel aitator
Second Seed Vessel Agitator
Third Seed Vessel Agitator
Fourth Seed Vessel Agitator
Prep Tank Agitator

Fermenter Apitator

Feed Tank fAgitator

Hold Tank Agitator

First Seed Vessel Agitatoer
Second Seed Vessel Rgitator
Third Seed Vesssel Agitator
SSF Ferwenter Agitator

Seed Hold Tamk Agitator (S.c.)
Seed Hold Tank Agitator (B.c.)

First Sepd Vessel fgitator (S.c.)
Second Seed Vessel Agitator {S.c.)
Third Seed Vessel Agitator {S.c.)
Fourth Seed Vessel Agitator (S.c.)
First Seed Vessel Agitator (B.c.)
Second Seed Vessel Agitator (B.c.)
Third Seeu Vessel Agitator {B.c.)
Fourth Seed Vessel Agitator (B.c.)

Centrifuge

Desiceant Rir Filter
Sludge Centrifuge

Offgas Burnew

Biotrester Agitators
Secondary Clarifier

Offgas Blower

feration Blowers

LP VYent Blower
Sterilization Tank Agitator
Cleaning Tank Agitator
Sand Filter

Cooling Tower System
Demireral izers

Condersate folisher
Hydrazine Addition Package
famonia fddition Packape
Phosphate Addition Package
Dearator

Instrument Air Dryer
Turbo Generator

Stean Boiler

Rir Compressor

Oip Compraceor Dackane

thilled Water Package

DUTY/DESCRIPTION

Single Inpelier
Singie Impeller

20 RSCFﬂb 15 1b/h selics

.5 cfn
2564 cu ft, 20 HP drive, 28 HP riry vlve
2564 cu i, 28 HP drive, 20 HP riry vive

Smgle Impeller/ 48 hp
ingle lmpeller
Single Iapeller
Single Iepeiler
Single Impeller
. Single Impeller
Singie Inpeller/ 10 hp
in?le 1opeller
Single Impeller/ 300 hp
Single Impeller/ 208 hp
Single Inpeller
Single Iepeller
Single Impeller
Single Impeller
Single Impeller/ 58 hp
Sinale Ispeller/ 75 hp
ingle Impeller
Single Impeiler
Single Impeller
Single Impeller
Singie Impeller
Single Impeller
Singie Impeller
Single Impeller
Solig Bowi
1588 cfn
Solid Bowl

Center feed, 180 ft diaester
2638 cfn, 2% peig discharge
1200 cfn, 25 psig discharge
2400 cofn, 20 psig discharge

Singie lmpeller
Single Impeller
34t dia, X Bft high
54003 gpu
208 gpw
1409 gpm

150 gal tank, 2 pusps, ! agitator
150 gal tank, 2 pumps, 1 agitator
158 cai tank, 2 pumps, 1 agitator

17008 gpn, 17008 gal
£08 sctw/ desicrant
b

28 "
1188 psia, 450?8%b/h 38F superheat

sefs
28888 scfm
3380 gpm, SO F

HP/
Unit

]

BN ss

SuBunsnLsBESLG

©
da

o8
2RORRRRERRRRRRRARARRRRRAR

13 -
& 8.8

[SUNIN

EQUIBMEYN
MISCELLANECLS

-
-

ML REMARKS

Hastalloy

SS 304
S5 384
s

Silica

C-28 Cb3 Lontinuous pulp digestor
C-28 b3 Continuous pulp digestor

Rssumed 75% SS cost
Silica
fAssuwed 73% 55 cost

38

Polyethylene

Tark
8.6 scaling factor
cs 8.6 scaiing factor

€S shell/ S5 internals
cs

$19, 600,28 Installed
8.7 scaiing factor
€5 8.7 scaling factor

-

-

DAY &
BESSF-218
BESSF-218
BESSF-220
BESSF-220

BESSF-348
BESSF-310
BESST-H08
BESSF-358
BESG-350

NO. PURCHASED
REW'D  COST/NIY

6,560, 20
8

1

1

1

1

1

2

2

1

8

1

1

1

i

1

3

1

1

2

2

2
27

1

i

1

1

1

1 $2, 508
1

1

{

1

3

1

1

1

1

1

1

2

2

1

1

i

1

2

2

1

1

1

1

1

1

1

1 $58,220
3 3600,3%
1 $608,20
Total Equipment Cost
Totai AP Required

.

TOTRL
PURCKASED
2osT SOURCE
$2,180 Icarus (967
$13,200 Chemcost
523,08 Chescost
{7 Chescos
$1, 008
$3,568, 380 Biack Clawson 1330
$3, 669, 089 Black Clawsor 1999
$16,308 Chewcost
$233,200 Chencost
$55,C00 Chescost
$16, 308 Chercost
$6, 208 Chemcost
$2,1 Chenmcost
$7,500 Cheacest
$225,30 Chescost
$127, %9 Chemcost
$75,300 Chescost
$33,300 Chescost
$6,000 Chencost
$3, 380 Chescosy
$807, 308 Chercost
$20, 1 Chemcost
$28, 706 Cheacost
$97,228 Chencost
$23,1 Chemcost
:g, a8 Chescost
1
$172, 682 Chescost
$28, 900 Chemcost
$7,608 Chentost
$2,730
$673, 200 Badger 1984
$38, 508 Icarus 1585
$128, 200 Badger 1984
$20,
$12,20
4260, 200 Ulrich 1984

$74,280 Peters and Timmernaus (988
$118,688 Peters and Timmernaus :2B3
$145, 200 “eters and Timwernaus 1932

$19, 608 Chedcost
$19,8% Cheacost
433,508 Icarus 1985
$751, 408 Badger 1984
$616, 408 Badger 1384
4208, 200
$15, 208
$15,002
$135,200
$133, 232 Badger 1984
$23,: 0 icarus 1583
$6, 509, 623 ABB Quote 1959
$8 ABB Quote 1598
$58,28 A.D. Little 1984
$1, 808, 440 A.D. Little 198¢
$600, 302
$21, 634, 300
1k7as
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Biosast To Ethanol
Simultaneous Saccharification ¢ Fermentation EQUIPMENT LIST
Project No. DOE/AFP/BESSF/02 TOWERS

TOTAL
EQUIPMENT DIA/RBHT NG, PRESS.  TEMP. NO.  PURCHASED PURCHACED
1TEM 3 NE {feet) TRAYS psi F MAT*L RENARKS DRW # RER'D COST/UNIT  COST inling
AS-681 Beer Columm 17.0/32 ie 15 388 cs BESSF-618 1 205,108 s2e5, 100 Icares (983
Rs-682 fectification Column 13.5/48 24 i5 30 cs BESSF-6eB 1 $132,588 192,58 Icarus 1985

Total Equip, Cost: $397,588
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